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ABSTRACT

COMPARISON OF THE PERFORMANCES OF DIFFERENT
CATALYTIC REACTOR TYPES FOR THE WATER-GAS SHIFT
REACTION USING COMPUTER SIMULATIONS

The low temperature water-gas shift reaction is mathematically modeled for packed-
bed and monolith reactors by applying mass, energy and momentum balances at steady-
state. One-dimensional pseudo-homogeneous and heterogeneous models are applied to the
packed-bed reactor, while only one-dimensional pseudo-homogeneous model is applied to
the monolith reactor. Kinetic rate expressions of the Cu-ZnO-Al,0; and Pt-CeO,-ALO;
catalysts and the required data sets are taken from the literature. The modeling equations
are developed on the basis of catalyst mass and the catalyst mass required to keep the
downstream carbon monoxide concentration less than 1 mole per cent is calculated for
desired methane conversion levels in a fuel processor feeding hydrogen to a 1.5 kW
polymer electrolyte membrane fuel cell. The changes in temperature, pressure, methane
conversion, carbon monoxide concentration in outlet and as well as molar flow rates of the
components are simulated as a function of the calculated catalyst mass. The catalyst
masses calculated by different mathematical models applied to the same type of the reactor
are compared as well as the catalyst amounts calculated by using the same model for
different types of reactors. The results of the water-gas shift reaction simulated over two

different catalysts in the monolithic reactor are also compared.
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OZET

FARKLI KATALITiK REAKTOR TiPLERININ SU-GAZI GECI$
REAKSIYONU ICIN PERFORMANSLARININ BiLGISAYAR
BENZETIMLERI iLE KARSILASTIRILMASI

Diistik sicaklik su-gazi gecis reaksiyonu, yatiskin durumda kiitle, enerji ve
momentum dengeleri kurularak sabit-yatakli ve monolit reaktorler i¢in matematiksel olarak
modellendi. Sabit-yatakli reaktorler i¢in tek-boyutlu psddo-homojen ve heterojen modeller,
monolit reaktdrler i¢in ise sadece psddo-homojen model uygulandi. Cu-ZnO-Al,O; ve Pt-
Ce0,-Al,05 katalizorlerinin kinetik hiz ifadeleri ve ilgili veri setleri kaynaklardan alinarak
model esitlikleri katalizor kiitlesi temelinde gelistirildi ve reaktor ¢ikis gazindaki karbon
monoksit derigsiminin yiizde 1’in altinda tutulmasi i¢in gerekli katalizor kiitlesi, 1,5 kW’lik
polimer elektrolit membranl yakit piline hidrojen saglayan yakit isleme sistemindeki
istenen metan doniisme diizeyleri i¢in hesaplandi. Sicaklik, basing, metan doniismesi, ¢ikis
gazindaki karbon monoksit derisimi ve bilesenlerin molar debilerindeki degisiklikler
hesaplanan katalizor kiitlesinin bir fonksiyonu olarak belirlendi. Ayni reaktor tipine
uygulanan farkli matematiksel modeller sonucu elde edilen katalizor kiitleleri ve ayni
matematiksel modelin farkli reaktdr tiplerine uygulanmasi sonucu elde edilen katalizor
kiitleleri kendi aralarinda karsilastirildi. Diisiik sicaklik su-gazi gegis reaksiyonunun
monolit reaktdrde modellenmesi iki farkli katalizor i¢in yapilarak elde edilen sonuglar

karsilastirildi.
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1. INTRODUCTION

The recent dramatic growth in energy consumption is directly related to the rapid
development in industrial and transportation sectors, improvements in living standards
among residential sectors and the rapid increase in population. The emissions of
enormously large amounts of gases from the combustion of the fossil fuels into the
atmosphere have caused a rise in global concentrations of greenhouse gases, particularly
carbon dioxide (CO;). Greenhouse gas emissions can be controlled by some approaches
such as major improvement in energy efficiency, the use of carbon-less (or carbon-free)

energy, and the sequestration of carbon such as CO; storage in geologic formations [1].

Increasing concern about environmental consequences of fossil fuel consumption in
electricity production and transport applications and the reality of limited reserves of fossil
fuels that strengthen the dependence of countries on oil are two of the major factors which
affect the development of fuel cells for transport applications, and for stationary and
portable power generation. Using pure hydrogen (H,), fuel cells only produce water (H,0),

thus locally eliminating all emissions otherwise caused by electricity production. [2]

The type of the fuel and the fuel cell depend on the application in which they are
used. Methanol, gasoline, diesel may be utilized in transportation, while natural gas and
propane are likely be used in stationary systems. In certain niche markets, the fuel can be
ethanol, butane, or biomass-derived materials [3]. The alkaline fuel cell (AFC) technology
has been used in space applications [1, 4], while the polymer electrolyte membrane fuel
cell (PEMFC) is utilized primarily in residential combined heat and power (CHP) systems,
transportation and portable applications [1-4]. The phosphoric acid fuel cell (PAFC) is
used generally in CHP for decentralized stationary power systems. The molten carbonate
fuel cell (MCFC) and the solid oxide fuel cell (SOFC) are used generally in central and
stand-alone stationary CHP systems and transportation applications such as trains and
boats. The application areas for the direct methanol fuel cell (DMFC) technology are the

vehicle and small portable systems [2, 4].



Fuel processors are designed and developed to supply the H; rich gas mixture for the
fuel cell depending on its requirements. There are several reactions to produce H; such as
steam reforming (SR), catalytic or non-catalytic partial oxidation (PO) and autothermal
reforming (ATR) in which SR and PO occur simultaneously in the same reactor. The SR is
an endothermic reaction and steam reacts with the fuel to produce H,, carbon monoxide
(CO) and COs;. On the other hand, the PO is an exothermic reaction, in which fuel reacts
with a substoichiometric amount of oxygen (O,) to produce H,, CO and CO; [3]. In ATR
reactor, the SR reaction utilizes the heat generated by the PO reaction, which makes the

ATR reactor a stand-alone process.

Since the CO amount of the downstream of these reactors is high for the low
temperature fuel cells such as PEMFC, the water-gas shift (WGS) reaction is applied to the
reformate gas to reduce the CO content to less than 1 per cent, which also increases the H;
composition. The WGS reaction is slightly exothermic and generally takes place in two
reactors to take advantage of kinetics and thermodynamics [5, 6]. The preferential
oxidation reaction then takes place following the WGS reactors to reduce the CO content

to 20—100 ppm since the Pt or Pt—Ru anodes of PEMFC are poisoned by CO [5, 6].

This study includes the mathematical modeling and steady-state simulation of the
low temperature shift (LTS) reaction in packed-bed and monolith reactors by applying one-
dimensional pseudo-homogeneous and heterogeneous models. Data sets and the kinetic
rate equations of the catalysts are taken from the literature. The catalyst mass is calculated
and the change in temperature, pressure and molar flow rates of components are simulated

versus the calculated catalyst mass for each data set.

A literature survey is given in Chapter 2 about fuel cell technology, H, production
and purification reactions. The types of the reactors and the mathematical models applied
are presented in Chapter 3. Simulation results are presented and discussed in Chapter 4 by
giving the related tables and figures. Finally conclusions about this study are given in

Chapter 5, where some recommendations for future work are also made.



2. LITERATURE SURVEY

2.1. Fuel Cell Technology

Fuel cells are galvanic cells, in which the free energy of a chemical reaction is
converted into electrical energy (via an electrical current). The principle of fuel cell was
first discovered in 1839 by Sir William R. Grove, a British jurist and physicist, who used
H; and O; as fuels catalyzed on platinum electrodes [1, 7], however it is written in another
paper [2] that the principle was first discovered by Christian Friedrich Schonbein, a
Professor at the University of Basle from 1829 to 1868, who was in close contact with Sir

Grove, although the invention of fuel cells is attributed to Sir William Grove.

The fuel cells have similar basic structures that each of them consists of two
electrodes, which are separated by the electrolyte and connected with an external circuit. In
Figure 2.1, the fuel is oxidized electrochemically to positively charged ions at one of the
electrodes, which is called anode, while O, molecules are reduced to oxide or hydroxide
ions at the other electrode, which is called cathode. The electrolyte serves to transport
either the positively or negatively charged ions from anode to cathode or vice versa. For
PEMFCs, the H, flows over the anode, where the molecules are separated into electrons
and positive ions, which can be also called protons. Protons enter the ionically conducting
but electronically insulating electrolyte and are transported to the cathode, and the

electrons flow through the outer circuit energizing an electric load [1, 2, 7].

H,>2H +2e¢ 2.1)

At the cathode, the supplied O, reacts according to:

0,+4e —>20" (2.2)



The oxygen ions recombine with protons migrating across the electrolyte to form

H,0, which is formed at the cathode [2].

O +2H" - H,0 (2.3)

Direct current (DC) electricity produced from the flow of electrons from the anode to
the cathode is the main product of the fuel cell operation. Chemical activity and amount of
fuels and the power loss inside the fuel cell stack affect the amount of the current available
to the external circuit. The by-products of the fuel cell operation are heat, H,O in the form

of steam or liquid water, and CO, in the case of hydrocarbon fuel [1].

Fuel Depleted fual
—yy e

Anode: H,—~2H'+2e

+
Electrolyte H*

Cathode: 50,42H'+2e —HO. =

| 1 I 1 1 |
Air Steam, Deplatad air

Figure 2.1. Fuel cell [7]

The anodes and cathodes of the fuel cells must be good electronic conductors and
must have the required electrocatalytic properties for the desired reactions. In addition, the
electrodes must have a porous structure to allow the fuel and oxidant gases to diffuse to the
reaction sites. Also they must be mechanically strong enough to support the weight of the
fuel cell stacks. The electrolyte must be chemically stable in H, and O,, and must have an
ionic conductivity of at least 0.1 S/cm as well as it should be permeable to gas as low as

possible [2, 7].

A fuel cell has advantages such as having no moving parts apart from the air and fuel

blowers, which makes it more reliable, quiet operation with no vibration and being a clean



technology with no generation of gaseous pollutants [4, 7]. Other attractive characteristics
of the fuel cells are high energy conversion efficiency of more than 40-50 per cent, which
is higher than that of a coal fired power station or an internal combustion engine, very low
chemical and acoustical pollution, fuel flexibility, cogeneration capability and rapid load
response [4, 8]. It has a lower maintenance cost and a long operating life compared to an
equivalent coal-fired power station or internal combustion engine. Also its modular
compact design enables the modules to be added or removed to the required power in order

to increase or decrease the power [4].

2.1.1. Fuel Cell Efficiency

The theoretical energy conversion efficiency is defined to compare fuel cells with
other systems such as internal combustion engines (ICE). The efficiency of the fuel cell
can be calculated from the ratio of Gibbs free energy to the enthalpy change of the
electrochemical reaction, which is different depending on whether the product water is in
vapor or in liquid state. Ideally, the free energy of the reaction can be completely converted

into electrical energy and the thermodynamic efficiency is given by [1, 2, 7]:

i W, _AG _| TxAS 2.4)
(-AH) AH AH

The decrease in the efficiency by the losses due to electrode overpotentials and by
the electrolyte resistance of the cell is expressed by the electrochemical efficiency. When
fuel cells of different designs and components are desired to be compared by using the
same reactions, the electrochemical efficiency gives more information about the fuel cells

than the thermodynamic efficiency since it is directly related to the cell performance [2].

AU,
& = e 25
’ AU, 23)



2.1.2. Types of Fuel Cells and their Applications

Fuel cells are usually classified by the electrolyte used in the cell except the DMFC,
in which methanol is directly fed to the anode. They differ in the composition of the
electrolyte and are in different stages of development. A second grouping can be done
according to the operating temperature such as low-temperature and high-temperature fuel
cells. The low-temperature fuel cells are the AFC, the PEMFC, the DMFC and the PAFC.
The high-temperature fuel cells are the MCFC and the SOFC, which operate at
temperatures between 600 + 1000°C. In all types of the fuel cells, separate reactions occur
at the anode and the cathode depending on the input fuel and the electrolyte. An overview
of the fuel cell types by giving detailed information about the anode and cathode reactions,

and the charged ion is given in Table 2.1 [1, 2, 9-11].

The AFC has the advantages of being less expensive, simple in design [1] and
exhibiting the highest electrical efficiencies of all fuel cells but it works properly only with
very pure gases which is considered a major restraint in most applications [2]. Also the
alkaline electrolyte of the AFC reacts with CO,, which is present in reformed hydrocarbon
fuels and air. The PEMFC, which has high power density as an advantage, and the PAFC,
which has already commercialized, are compatible with CO,, but both are sensitive to CO
(The PEFC is much more so than the PAFC), which is adsorbed onto the platinum catalyst
and renders it inactive. Therefore, these three types of fuel cells require pure H, as fuel;
and if the H, has been obtained by reforming a fuel such as natural gas, the H»-rich fuel
stream must be purified before being introduced into the fuel cell. The MCFC and the
SOFC can tolerate CO and can operate on hydrocarbon fuels with minimal fuel processing
at high efficiency, but they operate at elevated temperatures, which may cause thermal
stress failure. While sulfur poisoning is a common disadvantage for both the SOFC and the
MCFC, problems such as electrolyte instability and corrosion may occur for the MCFC
and the SOFC may suffer from coking. The DMFC has high power density and does not
require any reforming process, but it has low efficiency, and methanol cross-over and
poisoning byproduct may occur [4, 7]. Advantages and disadvantages of the different types

of the fuel cells are given in Table 2.2.
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The AFC technology has been used in space applications to take man to the moon
with the Apollo missions since 1960s [1, 4]. The PEMFC is utilized primarily in residential
combined heat and power (CHP) systems, transportation and portable applications [1-4].
The PAFC is used generally in CHP for decentralized stationary power systems. The
MCEFC and the SOFC are used generally in central and stand-alone stationary CHP systems
and transportation applications such as trains and boats. The application areas for the

DMEFC technology are the vehicle and small portable systems [2, 4].

Table 2.2. Types of fuel cells [4]

Fuel cell Temperature (°C)  Efficiency (%) Application Advantages Disadvantages
Alkaline fuel 50-90 50-70 Space application  High efficiency  Intolerant to CO4
cell (AFC) in impure H; and
air, corrosion,
expensive
Phosphoric acid  175-2210) 40-45 Stand-alone & Tolerant to Low power den
fuel cell combined heat &  impure Ha, sity, corrosion &
(PAFC) power commercial sulfur poisoning
Molten carbon 60650 50-60 Central, stand High efficiency,  Electrolyte
ate fuel cell alone & com Near Commer instahility, cor
(MCFC) hined heat & cial rosion & sulfur
power poisoning
Solid oxide fuel  800-1000 S0-60 Central, stand High efficiency  High temperature,
cell (SOFC) alone & com & direct fossil thermal stress fail
hined heat & fuel ure, coking & sul
power fur poisoning
Polymer GO-100 40-50 Vehicle & porta High power Intolerant to CO in
electrolyte ble density, low impure Ha and
membrane fuel temperature expensive
cell (PEMEFC)
Direct metha S0-120 25-40 fehicle & small Mo reforming, Low efficiency,
nol fuel cell partahle high power methanol cross
(DMEC) density & low over & poisonous
temperature byproduct

2.2. Fuel Conversion

H; can be produced from natural gas at a refuelling station or from liquefied natural
gas (LPQG), gasoline or diesel on board a vehicle. Alcohols can also be converted to
hydrogen and especially methanol can be an attractive fuel for small scale H, plants and
automotive applications, but requires a new distribution and storage network [3, 12, 13].

Light distillate naphtha is also an alternative in areas, where the natural gas is not readily



available [13]. In certain niche markets, the fuel can be butane, or biomass-derived

materials. All these fuels are hydrocarbons or oxygenates that need to be reformed [3].

The conversion of fuels to H, is carried out by one of the three major catalytic

reactions; steam reforming (SR), partial oxidation (PO), and autothermal reforming (ATR).

2.2.1. Steam Reforming

SR is probably the most common method for producing H; in the chemical process
industry. In this process, H,O reacts with the fuel in the presence of a catalyst to produce

H,, CO and CO,. An example is given for methane (CHy).

Fuel (CnH 0 )+ H,0 < Carbon oxides + H, AHgyy >0 (2.6)

m="p

CH, +H,0 <> CO+3 H, 2.7)

Besides the SR reaction the WGS reaction also takes place separately as a side

reaction by increasing the H, content while decreasing the amount of the CO.

CO+H,0 < CO, +H, AHrn <0 (2.8)

The primary SR reaction is reversible and strongly endothermic, which causes the
design of the reactor to be limited by heat transfer rather than by reaction kinetics. For CHy4
as a fuel, it is essential to operate at high temperatures, low pressures and relatively high
Steam:Carbon (S/C) ratios. Consequently, the reactors are designed to promote heat
exchange and tend to be large and heavy. Indirect heat transfer (across a wall) makes
conventional steam reformers less attractive for the rapid start and dynamic response

needed in automotive applications [3, 12, 13].
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The SR reformers are well suited for long periods of steady-state operation and can
deliver relatively high concentrations of H, (> 70 per cent on a dry basis). The CO and CO,
are removed from the reformate gas stream by a variety of reactions and scrubbing
techniques, such as the WGS reaction, methanation, CO, absorption in amine solutions,

and pressure swing adsorption [3].

In general, the heavier the hydrocarbon fuel, the slower the reaction and the higher
the risk of homogeneous reactions and coking. To avoid these problems, it may be
necessary to introduce a prereformer in which heavier hydrocarbons are split into C;
fragments (CH4 and carbon oxides) at relatively low temperatures (~ 350-550°C).
Subsequent secondary reforming produces H, at temperatures above ~ 600°C [12, 13].
Sufficient H,O must also be added to minimize coking, although a choice of catalyst may

reduce the amount of coke to be gasified [S].

The SR reactions are catalysed by Group 8-10 metals [14] and especially Ni is the
preferred metal for industrial applications since Ni-based catalysts are the most cost-
effective catalysts, although they are not the most efficient promoters. On the other hand,
Rh-based catalysts are more efficient but more costly [5]. Co and noble metals are also
active but more expensive. Attempts to use non-metallic or sulfur-resistant catalysts have
had no commercial success because of the low activity. It has been shown that Ni and Ru
catalysts may be able to convert CH4 even at 300°C [14]. In the SR of methanol, although
Pd catalysts are found to be highly active, Cu-based catalysts are preferred for the
economical reasons [13]. Cu-Ni based catalysts are reported to be active below 300°C for
ethanol SR [15]. Catalyst systems based on Co, Cu-Zn, Cu-Zn-Cr and noble metals
supported on different carriers are also studied for SR of ethanol [16, 17].

2.2.2. Partial Oxidation

H, may also be produced by catalytic [18] or non-catalytic [19] PO reactions. In the

PO reformers, the fuel reacts with a substoichiometric amount of O, or air as an O, source
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to produce H,, CO, and CO; [3]. Nitrogen (N) acts as an inert in the reaction in case of air

fed to the PO reactor.

Fuel (CnHmOp)+ Air < Carbon oxides + H, + N, AHpy, <0 (2.9)

CH,+0,50, <> CO+2 H, (2.10)

Both catalytic and non-catalytic oxidation processes are exothermic and result in heat
generation, high temperatures and short residence times (milliseconds). The heat generated
increases the gas temperature to over 1000°C by ensuring the required conditions for the
SR reaction to occur relatively easy if an appropriate amount of H,O is added into this gas

mixture [3, 12].

The PO reaction is almost thermo-neutral and has a low net energy demand. The
reaction is ideally kinetically controlled due to the short contact times and being much
faster than the equilibrating SR and shift reactions [13]. Although the PO reaction produces
advantageous CO:H; ratios for further processing of synthesis gas, the CO:H; ratio of 2 is
less than the optimum value in case of fuel cells. The advantages of the PO reaction are the
small size of the reactor, the rapid response to changes, and possible absence of coking
problems, while the fact that fuel and air must be premixed becomes a disadvantage.
However, the advantages of the small reactor and of rapid response make PO a process

worth consideration. [5]

Total oxidation may be required to heat the systems and / or may occur as a side

reaction to produce CO; and H,O [3, 12].

CH, +20, = CO, +2H,0 AHpey <0 (2.11)

For natural gas conversion, the preferred catalysts are based on Ni and in particular
Rh, which ensures 90 per cent selectivity at conversion beyond 90 per cent [13]. The PO of
CH4 over Rh-washcoated monoliths reaches high conversion and high selectivity of almost

90 per cent at very low contact times at ~ 1000°C. Coke formation is avoided under these
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conditions, but the role of the catalyst and the importance of pore structure in the washcoat
are established [S]. Ni-based catalysts with alkaline and rare earth oxide supports in the
pellet form are used in the PO of pure CH4 and 91 per cent CH4 conversion is obtained at

800°C with 95 per cent selectivity to H; [20, 21].

2.2.3. Autothermal Reforming

Autothermal reformers combine the heat effects of the PO and the SR reactions by

feeding the fuel, H,O, and air together into the same reactor:

Fuel (CnHmOp)+ Air + H,0 < Carbon oxides + H, + N, AHpy <0 (2.12)

The ATR is a catalytic reaction, in which relative extents of the SR and the PO
reactions are controlled by the appropriate S/C and oxygen to carbon (O,/C) ratios
depending on the heat demand of the particular fuel. The fuel is partly oxidized by
generating heat and increasing the temperature and then the SR reaction absorbs part of the
heat by limiting the maximum temperature in the reactor, which makes the ATR a slightly
exothermic stand-alone process. Thus the product gas composition can be adjusted

thermodynamically by the pressure, exit temperature, S/C and O,/C ratios [3, 5, 13].

The relatively lower-temperature process of the ATR reaction provides many
benefits, especially for automotive applications, such as favoring the WGS reaction (2.8),
which increases the selectivity for CO, and H,, requirement of less thermal integration,
consumption of less fuel during start-up and a wider choice of materials for construction,

which can lower manufacturing costs [3].

Selection of the ATR catalyst is very important to achieve the desired conversion and
product selectivity [S]. The use of Cu-Zn-Al ternary oxides [22] and Pd-ZnO catalysts [23]
for the production of H, from methanol are studied. Pd-ZnO may not the best catalyst due
to some alloy formation at higher temperatures, but Pd-catalysts seem to offer a real

alternative [23]. On Ni-based catalysts, the reaction appears to proceed via total oxidation
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coupled to SR, except at very low O, partial pressures [24]. The conversion of CH4 to H;
using Pt to promote oxidation and Ni to promote SR is studied in depth. The use of two
beds of catalyst, of mixed oxidation and SR catalyst, and of a Ni catalyst on which Pt is
deposited is considered. Rh and Ru are found to be more active than Ni for reforming CHy4

and produced less carbon [5].

2.3. Water Gas Shift Reaction

High temperature fuel cells such as MCFCs and SOFCs are tolerant to CO in the
reformate gas, while the CO content should be decreased to 20-100 ppm for lower
temperature fuel cells such as PEMFCs since the Pt or Pt—-Ru anodes of PEMFCs are
poisoned by CO, which strongly chemisorbs on the active sites, where the
dissociation/oxidation of H, can take place by decreasing the fuel cell performance [S, 6].
Thus, the WGS reaction (2.8) becomes a very critical step in fuel processors for low
temperature fuel cells in reducing the CO per cent. In addition, a mole of H; is produced
for every mole of CO that is converted in the WGS reaction, which increases the fuel cell

efficiency.

In most fuel processor designs the WGS reaction must deliver a CO concentration of
less than 1 per cent to the selective CO oxidation reactor. Any further reduction in CO
concentration eases the load on the CO oxidizer. Temperature, water concentration and
methods of reforming must be considered, when designing a WGS reactor system and

catalysts [6].

2.3.1. Thermodynamic Aspects

Due to the exothermic nature of the WGS reaction, higher CO conversions are

favored at lower temperatures. The WGS equilibrium constant is nearly 80 times greater,
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when the temperature is decreased from 600 to 200°C. The WGS equilibrium constants at

various temperatures are summarized in Table 2.3.

The H,O content has a strong positive influence in converting the CO and its flow
rate can be varied by controlling the amount added at the reformer or by injecting H,O
before or between stages of the WGS reactors. In contrast, the CO, CO, and H;
concentrations are more dependent on the reformer operation, which in turn determines the
thermodynamic limitations. The effect of temperature and H,O concentration on the

equilibrium CO concentration is shown in Figure 2.2 for a HTS reactor [6].

Table 2.3. WGS equilibrium constants [6]

Temperature (C) | Equilibrium constant, K,
933 4523.00
148.9 783.60
204.4 206.80
260.0 72.75
315.6 31.44
371.1 15.89
426.7 9.030
482.2 5.610
537.8 3.749
593.3 2.653
648.9 1.966
704.4 1.512

Single stage WGS is desired but difficult to accomplish due to the adiabatic
temperature rise. To account for the increasing temperature, the inlet temperature to the
catalyst must be relatively low, where existing catalysts may reach kinetic limitations. Two
stages of WGS are traditionally used to take advantage of kinetics and thermodynamics.
By operating a HTS catalyst at higher temperatures the favorable kinetics can be exploited
and the volume of the catalyst can be minimized. By cooling the syngas between the HTS

and LTS stages an active catalyst can take advantage of the thermodynamic equilibrium at
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low temperature. A two-stage WGS configuration can produce an exit CO concentration of

much less than 1 per cent [6].
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Figure 2.2. CO equilibrium of HTS gas from ATR reformer at various Steam:Dry gas
(S/G) ratios [6]

The method of producing the syngas affects the WGS equilibrium. ATR produces a
syngas with lower H, concentration due to the dilution of N, as compared to SR. The lower
H, concentration improves the equilibrium CO conversion whereas the high H;
concentration expected with SR lowers the WGS reaction equilibrium conversion. In
Figure 2.3, the equilibrium CO is shown as a function of H, content at constant CO and
CO, concentrations for the LTS reactor [6]. The effect of H, concentration is not as
significant as the S/G ratio, but must be considered when trying to maximize efficiency

and minimize the volume of the WGS reactor.
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Figure 2.3. CO equilibrium of LTS gas from ATR versus SR for CHy: effect of H, [6].

Since the WGS reaction is equimolar the effect of pressure is minimal considering

the pressure range used for fuel processing. By increasing the pressure from 3 to 30 atm

there is negligible effect on the thermodynamic CO conversion (Table 2.4). But if the

pressure is increased to 300 atm, the equilibrium CO concentration is lower. However it is

not practical to increase the pressure to take advantage of the slightly higher equilibrium

CO conversion.

Table 2.4. Effect of pressure on equilibrium CO concentrations (inlet dry gas: 13.2% CO,

10.3% CO,, 35.3% H,, 41.2% N,, S/G = 0.5)

[6]

Temperature (°C) | P =3 atm (% CO) | P =30 atm (% CO) | P =300 atm (% CO)
200 0.12 0.12 0.07
300 0.68 0.65 0.48
400 1.98 1.94 1.61
500 3.93 3.88 3.46
600 6.15 6.10 5.68
700 8.38 8.34 7.95

From a thermodynamic perspective, the efficiency of the WGS reaction is

maximized at low temperature, high H,O and a low H, concentration. However under
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some conditions the catalysts available today are kinetically limited at the low

temperatures needed for high CO conversion, while striving to minimize reactor volumes.

2.3.2. Catalysts

The desired requirements of the WGS catalysts used to produce H; for the fuel cells
are very different from the industrial applications as seen in Table 2.5. Industrial WGS
catalysts are designed to operate at steady-state conditions for a long time without any
interruption, while fuel processor WGS catalysts are exposed to many start-up / shut-down

cycles [6].

Table 2.5. WGS catalyst requirements for mobile and stationary applications [6]

WGS catalyst attribute

Mobile application

Stationary application

Volume reduction

Critical, < 0.11 kW

Not as constrained

Weight reduction

Critical, < 0.1 kg kW'

Not as constrained

Cost

Critical, <$ 1 kW™

Not as critical

Rapid response

Critical, <15 s

Load following

Non-pyrophoric Important Eliminate purging
Attrition resistance Critical No constraint
Selectivity Critical Important

No reduction required Critical Important
Oxidation tolerant Critical Important
Condensation tolerant Important Important

Poison tolerant Desired Desired

Pressure drop Important Important

Reformate gas enters the HTS reactor at about 350-450°C to reduce the CO
concentration to ~ 3—4 per cent [25]. Conventional HTS catalysts are based on iron—
chromium oxides and have the advantages of low cost, long life, and are reasonably

resistant to sulphur, but they are not active below ~ 350°C. Recent studies have proved that



18

chromium oxides can also catalyze the reaction but are less significant than iron. The
possibility of increasing the activity of Fe,O3-Cr,O3 catalysts by promotion has recently
been studied and small amount of precious metals are found to increase the rate of the
forward reaction significantly under reforming conditions. Pt promoted urania catalysts are
found to be almost as efficient as promoted Fe,O3-Cr,O; catalysts suggesting that the rate
of decomposition of H,O can be important. However, catalytic activity drops away quickly

as temperature is reduced [12].

Although the promoted catalysts are more efficient, they are still less active than Cu-
based catalysts at temperatures below ~ 300°C. As a result, the CO concentration can be
reduced in the HTS reactor to 3—4 per cent, but it is still too high for the fuel cells, so the
LTS reaction is required to reduce CO still further [12].

Cu-Zn-based catalysts are used for the LTS reaction in industrial applications [6, 12],
but they are not proper for vehicles since their temperature stability is poor above ~ 300°C
and they are pyrophoric if exposed to air [25]. Constant cycling in vehicle use may cause
condensation of water, which also irreversibly deactivates the Cu-based catalysts. As a
result, Cu-based catalysts are more suitable for stationary applications rather than for
mobile use, while precious metal-based catalysts are preferred for transportation

applications [12].

The disadvantages of Cu-based catalysts can be overcome by using precious metals,
but then high cost becomes a problem. They are active over the temperature range 250—
300°C and thermally stable to above 400°C. They also have the advantage that they can be
coated on the walls of a monolith, which saves space and increases the mechanical

ruggedness [26, 27].

Pd-ceria, Ni-ceria, Fe-ceria, Co-ceria, ceria and Pd-ceria are studied for the WGS
reaction and Pd-ceria and Ni-ceria are found to be more active than Fe-ceria, Co-ceria and
Pd-ceria [28]. Precious metal-based catalysts have the advantage of greater thermal
stability than Cu-Zn systems and are relatively resistant to deactivation. They have the
disadvantage of not being significantly active below about 250°C, which limits the

reduction of CO.
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Interest has focused on Au-based catalysts since they are reported to catalyze WGS
at lower temperatures [29]. Catalytic activity is high only when the Au is widely dispersed.
The LTS over Au-a Fe,O; shows that the catalysts are active at even 160°C. ZrO, is found
to be the best additive to Au-Fe,O3-MOy for the stabilization of the Au [12].

2.3.3. Mechanisms and Kinetics

Different mechanisms have been proposed for the WGS reaction. According to one
of these mechanisms [30, 31], the WGS reaction proceeds via the formation of an adsorbed
formate group, which decomposes to H, and CO (* is an active metal site). The rate-
determining step is found to be the decomposition of the formate and the rate of the

formate decomposition can be increased by increasing the H,O partial pressure [30].

H,O0+2*—> HO*+H * (2.13)
CO++*— COx (2.14)
CO*+HO* ->*-0—-CH =0 (2.15)
*—0—-CH =0 — CO, + H * (2.16)
2H*—> H,+2%* (2.17)

Several other groups have suggested that a redox mechanism is predominant that is a
bi-functional process, where the adsorbed CO on the precious metal or mixed metal oxide

is oxidized by the support and H,O fills the support oxygen vacancy [6, 32, 33]:

CO+%— CO* (2.18)
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H,0 + MO — H, + MO, (2.19)

MO, +CO* - CO, + MO + * (2.20)

Recent studies [12] have suggested that the process involves interaction of two *OH

groups:

H,0+2% > *OH +*H (2.21)
2%*0OH - H,0+ O *+* (2.22)
O*+MO — MO, (2.23)

The HTS reaction on Fe-Cr catalyst is reported to proceed via the regenerative
mechanism [34]. The question of the LTS reaction mechanism over Cu-based catalysts is
still debated today. The catalyst composition, catalyst precursors, its resulting surface
properties as well as the reaction conditions obviously play a decisive role. Most authors
propose the redox mechanism [35-37], while in another study [38], good evidence is

reported that formate-based mechanism is important.

The kinetics of the WGS reaction under typical reforming conditions is summarized
in Table 2.6. For Pt-ceria catalysts, the rate of migration of oxygen to metal-support
interface may be the rate-determining step [33]. However, the different apparent activation
energy for the reaction promoted by different metals supported on iron—chromium suggests
that this is not the case for this system. The bulk of the evidence suggests that the
decomposition of H,O is rate determining [12]. Strong inhibition is observed in the
forward reaction by CO;, and H,O for Cu-Zn catalyst [38]. Neither ceria nor zinc oxide
shows a promotional effect. Reduction of surface oxygen by adsorbed CO is determined as

the rate-limiting step in kinetic modeling.



Table 2.6. Kinetics of the WGS reaction [12]
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Temperature
Catalyst Power rate law Ref.
range (°C)

Fe-Cr Fe-
Cr K x(CO)"” x(H,0)"* x(Cc0o,)**(H, )’ x(1- ) 300-450 12
(promoted)
Cu-Zn K x(CO)** x(H,0)"* x(co, )™ (H,)™ x(1-8) | 200-310 38
Proci

O | Kx(CO)’ x(H,0)" x(CO,) ™ (H,) " x(1-B) 200-250 28
metal/ceria

The kinetics of the WGS reaction are studied over Pd-ceria, Ni-ceria, Fe-ceria, Co-

ceria, ceria and Pd-ceria catalysts and the reaction mechanism is found to include the

oxidation of the reduced ceria by water, which is followed by the oxygen transfer to the

metal to react with adsorbed CO [28]. Bunluesin et al. find similar conclusion for the ceria

supported Pt, Pd and Rh catalysts [32].

In contrast, Shido et al. [39] suggest that the WGS reaction on the Rh-ceria proceeds

via decomposition of formate intermediates. Jabobs et al. [40] also reach similar

conclusions for the study, in which Pt-thoria is found to be more active than Pt-ceria due to

higher active site densities per goram of catalyst for the thoria support.
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3. MODELING OF PACKED-BED AND MONOLITH REACTORS

The LTS reaction is modeled in a packed-bed reactor and in a monolith reactor
separately. One-dimensional pseudo-homogeneous and / or heterogeneous models are
applied along with Langmuir-Hinshelwood—-Hougen—Watson type and power law type rate
equations. The mathematical models developed and their numerical solution procedures

are given in this chapter.

3.1. Modeling of Packed-Bed Reactors

A packed-bed reactor can be modeled in various ways depending on the required
degree of sophistication of the process. In modeling and design of the packed-bed reactors,

the considerations given in Figure 3.1 should be determined first.

The models are separated in two main groups such as pseudo-homogeneous model
and heterogeneous model. In the pseudo-homogeneous models, the solid phase of the
catalyst is neglected and only the bulk phase is considered. On the other hand, in the
heterogeneous models, the presence of the catalyst is accounted as a separate phase and the
conservation equations are written for both solid phase and fluid phase separately. If only
the transport in axial direction is assumed by applying plug-flow, the model becomes one-
dimensional. When also the radial gradients have to be accounted for, the model should be
applied as two-dimensional [41]. If there is no change per time in the reaction, the
modeling equations are written in the steady-state mode, but for dynamic modes such start-

up or shut down periods, time derivative should be added to the model.
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Reaction kinetics

Catalyst site l
Microscale
Interfacial | Intraparticle
Catalyst particle AC, AT? AC, AT?
Macroscale Reactor Type of convective mass and heat transfer

0 Plug-flow

O -+ axial or radial dispersion

0 Nonuniform velocity

+ radial dispersion?

Figure 3.1. Aspects to be considered in the modeling of packed-bed reactors [41]

3.1.1. Pseudo-Homogeneous Model

One-dimensional pseudo-homogeneous model is the basic model, in which
concentration and temperature gradients are assumed to occur only in the axial direction.
The only transport mechanism is the overall flow, which is considered to be plug-flow.

Mass diffusion and heat conduction in the axial direction are neglected for this study.

The conservation equations of mass, energy and momentum in the axial direction,
which are referred to the catalyst mass, for the steady-state and a single reaction carried out
in a cylindrical tube are given below, respectively [42]. In the mass balance, the reaction is
assumed to occur in the bulk phase homogeneously over the whole reactor and the intrinsic
kinetics is considered due to the lack of external and internal transport effects. In the

energy balance, heat is generated in the bulk due to the mildly exothermic nature of the



24

LTS reaction in an adiabatic reactor. Ergun equation is applied to determine the pressure

drop along the catalyst bed for the momentum balance.

dr
Y (T
aw|., rco( )

dT (rco(T))x(_ AHRxn(T))

aw > F,xCp,(T)
b ___ G x(l_fjx 150><(l_‘g)xﬂf+(1.75><c;)
dw Py *xg.xD, £ D,

3.1)

(3.2)

(3.3)

In Ergun Equation, g. is equal to 32.174 Ib, ft s Ibs' and the unit of the total

pressure, P is Ib; ft* and the catalyst bulk density, p, is lby, ft°. The required unit

. . . . . -1
conversion is done to obtain the pressure gradient in atm g cat .

3.1.2. Heterogeneous Model

In heterogeneous models, the mass and energy conservation equations are written for

the solid phase and the fluid phase separately. For one-dimensional heterogeneous model,

only the concentration and temperature gradients in the axial direction are considered.

Mass diffusion and heat conduction in the axial direction are neglected for this study.

The conservation equations of mass, energy and momentum in the axial direction,

which are referred to the catalyst mass, for the steady-state and a single reaction carried out

in a cylindrical tube are given below for the two phases, respectively. Since no external

and internal mass transport effects are considered in this study, the conservation equation

of mass is the same. The conservation equation of energy for the fluid phase (Figure 3.2)

is changed due to the addition of the external heat transport effects by bringing a new
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variable of surface temperature of the catalyst, 7, forward besides the bulk temperature [43,
44]. This equation does not deal with the heat generated through the reaction, while it only
accounts for the external heat transport from the catalyst surface to the bulk fluid. In this
case, the heat generated is described by a nonlinear algebraic equation written for the solid
phase. For the momentum balance, Ergun equation (Equation 3.3) is again applied for the

determination of the pressure drop along the catalyst bed.

Initial conditions at W =0; F, T and P are known

T is known either from initial conditions
or from the last time step W,;. T should
be determined in order for the
ODEsolver to proceed.

A 4

To calculate Tj; iterate by using nonlinear
equation solver “fsolve” by using the current 7
as the initial guess until f{x) = 0 is satisfied. This
gives T at current V.

T and T are known at current W;.
W= Wi » AT RHOWR L R

Calculate rate and enthalpy of reaction by using
current 7 and Tj.

\ 4

Solve the ODEs by using ODEsolver.

\ 4

Increase Wby dW: Wiy = W;+dW

NO A\ 4
Is Wiv1 = Wemyar ?

A

YES

A 4

Print F, T, T, and P as a function of W.

Figure 3.2. Flowchart for the application of heterogeneous model to packed-bed reactor
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Equations for the fluid phase:

dF

awl. =) (3.1)

ar (0T -7)

= 3.4
dw Y F,xCp,(T) G4

Energy balance equation for the solid phase:
hf(T)X(T€ _T):_AHRxn(Tv)XrCO(Tv) (35)

In the literature, several criteria are presented to determine whether external and
internal mass transfer and external heat transfer between the bulk fluid and the catalyst can

be neglected [42]. According to the Mears’ Criterion, when

—Tpp X P, x(Dp/Z)xm
k,xCpe

<0.15 (3.6)

external mass transfer effects can be neglected, which means that the bulk concentration
and the concentration on the external surface of the catalyst of a species is equal to each

other. Mears also proposed that when

%(_ Feo )X Py Xh(_ A]ZRM]){X (D”/z)XE§ <0.15 (3.7)
,x T x

external heat transfer effects can be neglected, which means that the bulk fluid temperature
is the same as the temperature at the external surface of the catalyst. According to the

Weisz—Prater Criterion, internal mass transfer effects can be neglected, when
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_rcoprx(Dp/2)2 <10
D, xC;, T

(3.8)

which means that there are no diffusion limitations and so no concentration gradient can

occur within the catalyst.

3.2. Modeling of Monolith Reactors

In monolithic reactors, external mass transfer occurs from the bulk gas flow in the
channels to the channel wall and then diffusion takes place through the porous washcoat on
the channel wall, where reaction occurs simultaneously. Inside the gas phase, convective
and diffusive transport of mass, momentum and energy occur in both axial and radial
directions, while convective transport can be neglected inside the porous washcoat as well
as momentum diffusion. Diffusive mass transport may play a significant role on
conversion. Energy balance of solid phase is affected by heat conduction as well as

radiation and chemical reaction [45].

Flow regime in the monolith reactors is usually laminar flow with a Reynolds
number generally smaller than 500. The length of the entrance zone is usually neglected
since it is typically less than 10 per cent of the reactor length [46]. A uniform gas
distribution over the channels at the inlet is very important for the activity of the catalytic
monolith. Assumption of identical boundary conditions due to the uniform distribution of
gas across the inlet cross-section of the monolith makes “a single channel” a representative

of the whole monolith [45, 46].

3.2.1. Pseudo-Homogeneous Model

One-dimensional pseudo-homogeneous model is applied to model the LTS reaction

in “a single channel” of a catalytic monolith reactor in this study by neglecting the
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monolith catalyst as the solid phase. Uniform distribution of conserved quantities across
the inlet face of the monolith is assumed. Concentration and temperature gradients in the
radial direction are not considered. Diffusive heat and mass balances in bulk fluid phase

are small, when compared to convection and so they are neglected in this study.

4 Convection EDlﬁusmn . Conduction Ramatmn |E|Chem|ca Reaction

Developing Region

SO —
_ H B0 Jj"f[x‘] Gas Phase| : Gl ' C' CI.
! [®] v i A lx-( }
X] X T e
LIS ——— )] @)
E. ll_; Subsh’“&lte i T ar J ) . :

Figure 3.3. A monolith channel indicating the physical and chemical phenomena in gas

phase, washcoat and substrate [45]

The conservation equations of mass and energy in the axial direction, which are
referred to the catalyst mass, for the steady-state and a single reaction carried out in a
single channel of a monolith reactor are given below, respectively. For the mass balance,
mass transfer only exists by the reaction, which is assumed to occur homogeneously. The
energy balance accounts for the heat generated by the mildly exothermic reaction in

adiabatic conditions.

dr
Wco :_FCO(T) 3.1
dT _ (reo(T)x (- AH, (7)) (3.2)

aw

> F % Cp,(T)

Pressure drop along the monolith reactor can be calculated by the equation 3.10 with
the required unit conversion to obtain the pressure in atm and it is originally derived for
laminar flow in an empty tube [47]. In the case of the monolith reactor, the diameter of the

tube is replaced by the hydraulic diameter of the single channel of the monolith. Also in
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the calculation of the linear velocity, open frontal area of the monolith has to be considered
due to the presence of the channels. In this study, the pressure is assumed to be constant
over the monolith reactor since pressure drop is very small and has negligible effect on the
conversion, which is the general situation for monolith reactors presented in the literature

[45, 46].

v:L (3.9)
AxOFA
10%
2xpu, xvxL, ) 1P
PV Jlala e Sekull 9| BAC LN 4 (3.10)
D; 1 Pa.s 1.01325x10° atm

The equations of the mass and energy balances can also be written referring to the
monolith length by directly multiplying with the bulk catalyst density and the cross-

sectional area of a single channel.

A =mx— (3.11)

a =—1co(T)x p, x 4, (3.12)
dz | o

d_T:(rCO(T))X(_AHRxn(T))XprA

dz > F xCp,(T)

(3.13)

m
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3.3. Numerical Solution Methods

The conservation equations of mass, energy and pressure, which are developed for
the packed-bed and the monolith reactors, are first order ordinary differential equations
(ODE) and are solved by using an appropriate ODE solver function such as ode45 or
ode15s of MATLAB™ numerical computation software for the boundary conditions given

below:

at W=0; T=T°, P=P°; F=F’ (3.14)

ode45 ODE solver function is based on an explicit Runge-Kutta (4,5) formula, the
Dormand-Prince pair. In general, ode45 is the best function to apply as a first try for most
problems. When ode45 fails or is very inefficient, as well as the problem is stiff or solving
a differential-algebraic problem, odel5s ODE solver function is tried, which is a variable
order solver based on the numerical differentiation formulas [48, 49]. In the code written

for Amadeo data set, ode45 is used, while odel5s is used for the rest.

The energy balance equation for the solid phase, which is developed for the
heterogeneous model applied to the packed-bed reactor, has to be solved simultaneously
with ODEs to calculate the surface temperature of the catalyst iteratively for an initial
guess by nonlinear regression methods using fsolve function of MATLAB™ numerical

computation software.



31

4. RESULTS AND DISCUSSION

Low temperature water-gas shift reaction is studied in packed-bed and monolith

reactors by applying pseudo-homogeneous and heterogeneous models separately.

4.1. Packed-Bed Reactor

4.1.1. Pseudo—Homogeneous Model

MATLAB codes are written for the simulations of the LTS reaction in an adiabatic
packed-bed reactor by applying one-dimensional pseudo-homogeneous model, in which
both external and internal mass and heat transport resistances are neglected. The
hypothesis of plug flow is assumed. Three separate data sets (Data Set 1, 2, and 3) taken
from Amadeo et al. [S0], Francesconi et al [43] and Tan [51], respectively, are used in the

simulations.

4.1.1.1. Data Set 1 and Langmuir-Hinshelwood Kinetic Model: In the study of Amadeo et

al. [50], the kinetics of the LTS reaction was studied over a commercial Cu-ZnO-Al,O;
catalyst in an adiabatic packed-bed reactor and a Langmuir-Hinshelwood kinetic
expression, which considers the adsorption of the four components of the reaction, was
obtained. This kinetic expression and its parameters, given below in Equations 4.1-4.8, are
used in the present simulations by applying the inlet conditions of the LTS reactor given in

Table 4.1.

_ Gig
K = ——Rm 4.1
e exp[ AxT j 4.1)
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k=0.92x exp(_ 454'3j (4.2)
K, =22x107) (4.3)
Ko = 0.4x 37 (4.4)
Ky, = 0.0047 x £?770/7) (4.5)
K,, =0.05x %) (4.6)
__ PcorXPus (4.7)
Keq X Pco X Pr2o
_ kxpCOXpHZOX(l_ﬂ) 1 4.8
Tco = TR (4.8)
(1+KC0xpC0+KH20XpH20 +Kcos X Peos +KH2po2) 60
Tt20 = Tco (4.9)
Tcoa = ~Teo (4.10)
Tua = Teo (4.11)
Table 4.1. Inlet conditions for the LTS reaction [50]
Steam feed | Dry-gas feed Dry-gas composition
Temperature | Pressure
flow rate flow rate (vol. %)
(K) (atm) _1 _1
(gmol s™) (gmol s™) CO | CO, | H, |CHy
480 16.78 0.20800 0.33900 3.20 | 18.20 | 76.80 | 1.80
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The conversion of CO, the outlet temperature and the composition of the product gas
leaving the LTS reactor are simulated in MATLAB environment by using Equations 3.1—
3.3 of the pseudo-homogeneous packed-bed reactor model, Equations 4.1-4.11 given
above, and the inlet conditions of Table 4.1. The results obtained in this study are given in
Table 4.2 for 195.0 g of catalyst, which is found to be sufficient for attaining the desired
CO level at the desired fractional CO conversion of 0.84. These values are also compared
with those given in the paper and the per cent errors are calculated. The closeness of the
simulation results indicates that both the mathematical model used and the code written are
successful in describing and simulating the LTS reactor under these conditions. The
corresponding temperature, molar flow rates of the components, CO level and CO

conversion profiles are plotted in Figure 4.1-Figure 4.4.

Table 4.2. The properties of the product gas leaving the LTS reactor
(Data Set 1, L-H pseudo-homogeneous model)

Present Study Amadeo et al. [50] Difference%
y CO % 0.313 0.308 1.63
y H,O % 36.355 35.889 1.30
y CO2 % 12.950 12.688 2.07
y H: % 49.267 49.513 0.50
y CH4 % 1.115 1.116 0.03
T (K) 499.80 502.00 0.44
Conversion 0.842 0.845 0.30
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Figure 4.1. Temperature of bulk gas (K) versus catalyst mass (g)

(Data Set 1, L-H pseudo-homogeneous model)
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Figure 4.2. Flow rate of components in the bulk gas (gmol s-1) versus catalyst mass (g)

(Data Set 1, L-H pseudo-homogeneous model)
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(Data Set 1, L-H pseudo-homogeneous model)
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4.1.1.2. Data Set 2 and Power Function Kinetic Model: In the study reported by

Francesconi et al. [43], the WGS reactor design was analyzed as a part of the ethanol

processor producing H;

for PEMFC applications,

in which a one-dimensional

heterogeneous model was used to obtain the optimum values for reactor and catalyst

dimensions. A power function kinetic expression for the commercial Cu-ZnO-Al,O3

catalyst [52], which is expressed in Equations 4.12—4.13, is used in the simulations by

using the inlet conditions given in Table 4.3 for the LTS reactor.

47400
Tep =82.2% exp(— P ] X (Pco XPo ~

K,, =exp((—4577.8/T)-4.33)

xT

Frao = Tco
Tco2 = Tco
Py = ~Teo
Tena =0

Pco, X P,

K

eq

|

Table 4.3. Inlet conditions of the LTS reactor [43]

(4.12)

(4.13)

(4.14)

(4.15)

(4.16)

4.17)

Dry-gas composition

Steam Dry-gas
Temperature | Pressure L %
feed flow | feed flow (vol. %)
(K) (atm) } |
(gmols™) | (gmols™) CO | CO, | H, |CHy
400.25 1.000 0.00733 0.01567 11.70 | 16.13 | 63.83 | 8.33

The optimum values of the dimensions of a single-stage adiabatic WGS reactor, and

the catalyst requisites are given in the paper for CO output levels of 0.30, 0.70 and 1.00
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mole per cent (wet-base) separately. The molar flow rates used are based on the
assumption that 33.3 gmol h™ H, is required per kW of PEMFC power. The set of
conditions corresponding to 0.30 per cent CO output given in Table 4.4 is selected for
conducting the simulations of the present study, because more information has been given.
Since neither solid nor bulk catalyst density is reported, the solid catalyst density for Cu-
ZnO-AlLO; is taken as 1.863 g cm™ as reported in other work on alumina-supported
catalysts [S1]. The mass of catalyst in the given bed volume is calculated by using the

Equations 4.18-4.20 [42, 43].

Table 4.4. Optimization results for a single-stage adiabatic WGS reactor [43]

CO output (%) (wet-base) 0.30
L, (cm) 36.50
D, (cm) 7.20
V (cm’) 1460
D, (cm) 0.05
(Dt/D B 2)2
£=038+0.073x|1- T (4.18)
iD,/Dp )
py=p,x(1-¢) (4.19)
W =p,xV (4.20)

In the present study, CO conversion, reactor temperature, pressure and composition
of product gas leaving the LTS reactor are simulated in the MATLAB environment by
using Equations 3.1-3.3 of the pseudo-homogeneous packed-bed reactor model, Equations
4.12-4.17 given above, and the inlet conditions of Table 4.3. The simulation results for
1680.9 g of catalyst and their comparison with the values given by Francesconi et al. [43]
are given in Table 4.5. The reactor dimensions required and the catalyst properties are

taken directly from Table 4.4. As indicated by Table 4.5, only the mole fraction or per
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cent values of CO and H; in the product gas, the CO conversion and the outlet temperature

are given in the paper. Therefore, the rest of the results can not be compared.

The mole fraction of H; calculated by simulation is very close to the value reported
in the paper, while that of CO deviates considerably from the given value by about 14 per
cent. However, both results are acceptable as they are under the one mole percent CO
constraint at reactor exit. The outlet temperature values are also satisfactory. The
comparison in Table 4.5 shows that the use of a pseudo-homogeneous reactor model gives
results similar to a heterogeneous model, since the LTS reaction is only mildly exothermic
and the external heat transfer resistances are not appreciable. The pressure of the bulk gas
drops from 1 atm to 0.964 atm at the outlet of the reactor due to the catalyst packing as the
main reason. The corresponding temperature, molar flow rates of the components, CO
level in the downstream, CO conversion, pressure and pressure drop profiles are plotted in

Figure 4.5-Figure 4.10.

Table 4.5. The properties of the product gas leaving the LTS reactor

(Data Set 2, power-function pseudo-homogeneous model)

Present Study France[s:;)]ni et al. Difference%
y CO % 0.259 0.300 13.82
y H,O % 24.172 - -
y CO; % 18.703 - -
y H; % 51.191 52.000 1.56
y CH4 % 5.676 - -
T (K) 489.49 493.15 0.74
P (atm) 0.964 ; -
Conversion 0.968 0.960 0.79
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Figure 4.6. Flow rate of components in the bulk gas (gmol s™") versus catalyst mass (g)

(Data Set 2, power-function pseudo-homogeneous model)
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4.1.1.3. Data Set 3 and Power Function Kinetic Model: The computational study by Tan

[S1] considers the pseudo-homogeneous model of an adiabatic packed-bed reactor for the
LTS reaction over Cu-ZnO-Al,O; catalyst in a fuel processor consisting of a methane ATR
reactor located before and a selective CO oxidation reactor located after the LTS converter.
The methane processor was designed for feeding H, to a PEMFC with 1.5 kW power
rating, and the component flow rates were calculated on the basis of a H, requirement of
37-41 gmol h™' per kW. The rate expression given in section 4.1.1.2, i.e. Equations 4.12—
4.13 and the inlet conditions given in Table 4.6 were used in the simulations. The reactor
dimensions and the catalyst properties calculated by Tan [S1] for obtaining 0.76 per cent
CO in the downstream of the LTS reactor are given in Table 4.7. In the present work, these
data are utilized to simulate and calculate the CO conversion for the same amount of
catalyst in the MATLAB environment by using Equations 3.1-3.3 of the pseudo-

homogeneous packed-bed reactor model and Equations 4.12—4.17 given in section 4.1.1.2.

Table 4.6. Inlet conditions for the LTS reactor [51]

%) = |z Z it

= g o = Dry-gas composition (vol. %)

o = =0 e o

= ~ = @ 5 @

- d.) Y - ]

< = & © = ©°

5 Z = E |2 E

[=R 7] =) an o0

£ £ § T | i T | CO |[CO;| Hy |CHs| N
<5 ~

= = 2 a

473 0.987 | 0.01258 | 0.04905 | 4.66 | 8.40 | 33.08 | 8.04 | 45.82

Table 4.7. Optimization results for an adiabatic LTS reactor [51]

CO output (per cent) (wet-base) 0.76
L; (cm) 25.60
D, (cm) 6.00
D, (cm) 0.10
W (g cat) 650
ps (g cm™) 1.863

The results of MATLAB simulations and their comparison with the values reported

by Tan [51] as well as the per cent differences are given in Table 4.8 for the same catalyst
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mass. As seen from Table 4.8, the CO conversion calculated by the simulation for the
catalyst amount of 650 g is 7.95 per cent lower, which affects the composition of the
product gas and the outlet temperature; also, a higher outlet pressure is predicted than the
level reported by Tan [51]. This is likely to arise from small differences between the two
codes in both of which the major constraint is to achieve a CO level of less than 1 mole per
cent. Since catalyst mass is sensitive to CO conversion level, the incremental increase in
the catalyst mass necessary for increasing fractional CO conversion from 0.733 to 0.80 is
considerable. The corresponding temperature, molar flow rates of the components, CO
level in the downstream, CO conversion and pressure profiles are plotted in Figure 4.11—

Figure 4.15 respectively for 650 g of catalyst.

Table 4.8. The properties of the product gas leaving the LTS reactor

(W =650 g, Data Set 3, power-function pseudo-homogeneous model)

Present Study Tan [51] Difference %
y CO % 0.992 0.759 30.63
y H,O % 17.689 17.498 1.09
y CO; % 9.403 9.393 0.11
y H: % 29.048 29.363 1.07
y CHy % 6.401 6.419 0.27
y N2 % 36.468 36.568 0.27
T (K) 504.71 510.00 1.04
P (atm) 0.9502 0.7797 21.87
Conversion 0.733 0.796 7.95
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Figure 4.12. Flow rate of components in the bulk gas (gmol s) versus catalyst mass (g)

(W =650 g, Data Set 3, power-function pseudo-homogeneous model)
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(W =650 g, Data Set 3, power-function pseudo-homogeneous model)
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(W =650 g, Data Set 3, power-function pseudo-homogeneous model)

As a next step, the amount of catalyst required to reach the same conversion of 0.80
is calculated and a catalyst mass of 770 g is found, which is approximately 19 per cent
higher than 650 g. According to the comparative results given in Table 4.9, the
composition and the outlet temperature of the product gas are very close to those obtained
by Tan [51], while the per cent difference of the outlet pressure decreases by only 1 per

cent.

4.1.2. Heterogeneous Model

External heat transfer effects are taken into consideration in the heterogeneous
model, while internal heat transfer effects as well as external and internal mass transfer are
neglected. All other assumptions are the same as in section 4.1.1. Heterogeneous reactor

model is applied to two data sets, namely, Data Set 2 and 3 [43, 51].
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Table 4.9. The properties of the product gas leaving the LTS reactor

(CO conversion = 0.80, Data Set 3, power-function pseudo-homogeneous model)

Present Study Tan [51] Difference %
y CO % 0.756 0.759 0.43
y H,0 % 17.453 17.498 0.26
y CO: % 9.639 9.393 2.62
y H, % 29.284 29.363 0.27
y CH4 % 6.401 6.419 0.27
y N2 % 36.468 36.568 0.27
T (K) 507.42 510.00 0.51
P (atm) 0.9431 0.7797 20.95
W (g) 770.00 650.00 18.46

4.1.2.1. Data Set 2 and Power Function Kinetic Model: Francesconi et al. [43] have

considered both internal and external mass and heat transfer effects in their work whereas
in the present study only external heat transfer effects are included in the calculations, and
simulations are conducted using Equations 3.1, 3.3-3.5 and 4.12-4.17 as well as the
catalyst and reactor geometries given in Table 4.4. Comparative results are given in Table
4.10. It can be said that the H, mole fraction in the product gas, outlet temperature and CO
conversion values obtained in the simulation are very close to the values given in the paper
[43], while a difference of around 14 per cent is obtained in the CO mole fraction of the
product gas. The pressure of the bulk gas decreases from 1 atm to 0.9636 atm at the reactor
outlet, which can be explained by the presence of catalyst packing as the main reason. The
corresponding temperature, molar flow rates of the components, CO level in the
downstream, CO conversion and pressure profiles are plotted in Figure 4.16—Figure 4.15

respectively.
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Table 4.10. The properties of the product gas leaving the LTS reactor

(Data Set 2, power-function heterogeneous model)

Present Study France[s:;)]n ietal Difference %
y CO % 0.259 0.300 13.77
y H,O % 24.172 - -
y CO; % 18.703 - -
yH; % 51.191 52.000 1.56
y CHy % 5.676 - -
T (K) 489.53 493.15 0.73
P (atm) 0.9636 - -
Conversion 0.968 0.960 0.79

External heat and mass transfer and internal mass transfer are calculated to be
negligible when Mears’ Criteria for external mass and heat transfer, and Weisz—Prater

Criterion for internal mass transfer are considered [42].

Table 4.11. Criteria for external mass and heat transfer, internal mass transfer

(Data Set 2, power-function heterogeneous model)

External heat transfer (Mears’ Criterion) 1.55x 10° negligible

External mass transfer (Mears’ Criterion) 1.58x 107 negligible

Internal mass transfer (Weisz—Prater Criterion) | 4.26 x 10™ negligible
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Figure 4.20. Pressure along the catalyst bed (atm) versus catalyst mass (g)

(Data Set 2, power-function heterogeneous model)

4.1.2.2. Data Set 3 and Power Function Kinetic Model: For Data Set 3, the simulations are

conducted using Equations 3.1, 3.3-3.5 and 4.12-4.17 as well as the catalyst and reactor
geometries given in Figure 4.7. The results of the pseudo-homogeneous model applied
previously [51] are also compared with those obtained in the present study with the

heterogeneous model including external heat transfer resistances (Table 4.12).

The calculated values are very close to each other except the 2.63 per cent difference
in CO; mole fraction in the product gas. The outlet pressure calculated is 21 per cent
higher than the value given by Tan [51]. The corresponding temperature, molar flow rates
of the components, CO level in the downstream, CO conversion and pressure profiles are

plotted in Figure 4.21-Figure 4.25 respectively.
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Table 4.12. The properties of the product gas leaving the LTS reactor

(Data Set 3, power-function heterogeneous model)

Present Study Tan [51] Difference %
y CO % 0.755 0.759 0.54
y H,O % 17.452 17.498 0.26
y CO; % 9.640 9.393 2.63
y H, % 29.284 29.363 0.27
y CH4 % 6.401 6.419 0.27
yN2 % 36.468 36.568 0.27
T (K) 507.48 510.00 0.49
P (atm) 0.9430 0.7797 20.95
Conversion 0.796 0.796 0.07

These results are supported by Table 4.13, which indicates that external heat and
mass transfer and internal mass transfer are negligible when Mears’ Criteria and Weisz—

Prater Criterion are considered [42].

Table 4.13. Criteria for external mass and heat transfer, internal mass transfer

(Data Set 3, power-function heterogeneous model)

External heat transfer (Mears’ Criterion) 9.00x 10 negligible

External mass transfer (Mears’ Criterion) -2.60x 107 negligible

Internal mass transfer (Weisz—Prater Criterion) -1.39x 10" negligible
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(Data Set 3, power-function heterogeneous model)
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(Data Set 3, power-function heterogeneous model)

4.2. Monolith Reactor

4.2.1. Pseudo-Homogeneous Model

In this work, MATLAB codes are written for the simulations of the LTS reaction in
an adiabatic monolith reactor by applying a pseudo-homogeneous model in which both
external and internal mass and heat transport resistances are neglected. Only a single
channel of the monolith is considered for the simulations since the flow is assumed to be
laminar and distributed uniformly over the cross-section of the monolith reactor and
knowledge of the number of channels is sufficient to estimate the behavior of the complete
monolith [45, 53].Two data sets, namely, Data Set 3 [51] above and Data Set 4 [S3] are

used in the simulations.
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4.2.1.1. Data Set 4 and Power Function Kinetic Model for Pt-CeO,-Al,03: Quiney et al.

[S3] used a power law rate expression for a Pt-CeO,-Al,O3 catalyst together with a one-
dimensional heterogeneous model that accounts for interfacial and intraparticle gradients to
describe the WGS behavior of monolithic structures. The following kinetic expression
(Equation 4.21-4.23) was derived for WGS over Pt-CeO,-Al,0; [S3] to be used in their

simulations:

-36 38060
K =ex X €X 4.21
o p( R j p(Rij 4.21)

pCOZ XpHZ (422)

Keq X Pco X Puro

rop = 4.3%10° X exp(— 7R6iOT0jX (P23 x o x pSi x p 0% 5 (1= A))/1000  (4.23)

Fiao =Teo (4.24)
p— (@25
Foy = —Feg (4.26)

Ty, =0 (4.27)

A schematic drawing of a washcoat over a square channel of a monolith is given in
Figure 4.26. It was stated that the thicker layers of the washcoat were likely to adhere in
the corners of the channels [53]. While the layer thickness of the sides of the square
channel is only 20 um, it is 170 pm thick in the corner sections. The properties of the

monolith reactor used in the simulations are given in Table 4.14.
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Figure 4.26. Schematic drawing of washcoat used in the simulations [53]

Table 4.14. Properties of the monolith reactor [S3]

Number of channels per square inch (cell density) (cpsi) 400
Inner channel diameter before coating (cm) 0.110
Wall thickness (cm) 0.015
Washcoat porosity 0.4
Washcoat tortuosity 4.0
BET washcoat (m” g™) 69
Washcoat cross-sectional area (cm”) 1.66 x 10~
Washcoat density (g cm™) 1.50

The parameters related to monolith geometry which are used in the simulations of the

present study are given below [46].

n=— (4.28)
c=Axn (4.29)

GSA=4xnx[(L—t)—(4—7z)x%} (4.30)
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OFA =nx|(L—t —(4—7)xR?] (4.31)
D, = 4x (%J (4.32)
GS4

The equation for calculating the bulk density of the catalyst bed should also be

modified for the monolith reactor due to the presence of the channels [46].

p, = p, x(1-&)x(1- OFA) (4.33)

Since the composition of the gas mixture given by Quiney et al. [53] belongs to the
outlet of an autothermal reformer, firstly the simulation of the HTS reaction in an adiabatic

monolith reactor is carried out using a pseudo-homogeneous model and applying the inlet

conditions given in Table 4.15.

Table 4.15. Inlet conditions for the monolith HTS reactor [53]

Dry-gas composition (vol. %)

Steam feed

CO CO, H, N;

Temperature
(K)
Pressure (atm)
flow (gmol s
Dry-gas feed
flow (gmol s

12.98 1038 | 41.54 | 35.10
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Diameter of the monolith used was given as 10 cm [53]; in the present work, the
length of the monolith is optimized such that the amount of the catalyst per channel in the
paper is almost equal to the value calculated by the simulation. As seen in Table 4.16, the

length of the monolith is calculated to be 12.50 cm for the HTS reactor.

Only the outlet temperature of the HTS reactor and the amount of the catalyst used
are reported by Quiney et al. [53]. The results of the MATLAB simulation are compared

with these values in Table 4.17. The outlet temperatures of the product gas and the
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required amount of catalyst are in good agreement. The pressure drop along the monolith

calculated by the Equation 3.10 is found to be 3.5 x 10 atm, which is negligible.

Table 4.16. Determination of the monolith length for the monolith HTS reactor
(Pt-CeO,-Al,05)

Length of monolith (cm) L, 12.50
Diameter of monolith (cm) D,, 10.00
L, /Dy - 1.25

Volume of monolith (cm”) V 981.75
Calculated catalyst mass / channel (g/channel) /8 0.0454
Given catalyst mass / channel (g/channel) [S3] W, 0.0458
Error per cent for catalyst mass / channel % 0.87

Table 4.17. The properties of the product gas leaving the monolith HTS reactor
(Pt-CeO,-Al,03)

Present Study Quiney et al. [S3] Difference %
y CO % 2.578 - -
y HO % 15.540 - -
y CO; % 15.422 - -
y H: % 39.422 - -
yN2 % 27.037 - -
T (K) 645.71 648.15 0.38
Conversion 0.742 - -
W (g) 228.18 230.00 0.79

The product stream of the monolith HTS reactor, the gas composition of which is
given in Table 4.17, becomes the inlet stream of the monolith LTS reactor. The same

procedure is applied to the LTS reactor by using the same kinetic expression for the Pt-
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Ce0,-Al,05 catalyst and the same properties of the monolith reactor. The length of the

monolith is determined to be 39.4 cm for a diameter of 10 cm as shown in Table 4.18.

Table 4.18. Determination of the monolith length for the monolith LTS reactor
(Pt-Ce0O,-Al,05)

Length of monolith (cm) L, 39.40
Diameter of monolith (cm) D,, 10.00
L, /Dy - 3.94
Volume of monolith (cm”) v 3094.47
Calculated catalyst mass / channel (g/channel) /8 0.1432
Given catalyst mass / channel (g/channel) [S3] W, 0.1432
Error per cent for catalyst mass / channel % 0.00

Only the outlet temperature of the LTS reactor and the amount of catalyst used are
reported in the paper. The results of the MATLAB simulation are compared with these
values in Table 4.19. The reported and the calculated values of the LTS reactor outlet
temperature and of the required catalyst mass are found to be very close to each other. The
pressure drop along the monolith calculated by the Equation 3.10 is found to be 8.5 x 10

atm, which is negligible.

Both Table 4.17 and Table 4.19 compares results of Quiney et al. [53] from a
heterogeneous channel model with those obtained in the simulations of the present work
using a pseudo-homogeneous channel model. The agreement in reactor exit temperatures
and catalyst requirements demonstrates the applicability of pseudo-homogeneous models

for describing the behavior of monolith channels in cases, where heat effects are moderate.

The corresponding temperature, molar flow rates of the components, CO level in the
downstream and CO conversion profiles are plotted in Figure 4.27-Figure 4.30
respectively for the HTS reactor and in Figure 4.31-Figure 4.34 respectively for the LTS

reactor.



Table 4.19. The properties of the product gas leaving the monolith LTS reactor

(Pt-Ce0»-Al,05)

Present Study Quiney et al. [53] Difference %
y CO % 0.974 - -
y H20 % 13.937 - -
y CO, % 17.026 - -
yH; % 41.027 - -
yN2 % 27.037 - -
T (K) 551.37 555.15 0.68
Conversion 0.622 - -
W (g) 719.72 720.0 0.04
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The same conditions given above for the LTS reactor are applied to Cu-ZnO-ALO;

catalyst instead of Pt-CeO,-Al,O; for the same conversion level of 0.622, and the monolith

length is determined as 6.30 cm for a diameter of 10 cm using the power function rate

expression used with Data Sets 2 and 3 (Table 4.20).

Table 4.20. Determination of the monolith length for the monolith LTS reactor

(CU-ZHO-A1203)

Length of monolith (¢cm) L, 6.30

Diameter of monolith (cm) i 10.00
L, /Dy - 0.63

Volume of monolith (cm®) v 494.80
Calculated catalyst mass / channel (g/channel) /8 0.0284
Given catalyst mass / channel (g/channel) W, 0.1432
Error per cent for catalyst mass % 80.17
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In Table 4.21, the product gas composition and the outlet temperature of the LTS
reactor, the CO conversion and the calculated catalyst mass obtained by the present
simulation are given for Pt and Cu-based catalyst separately. For the same conversion, less
amount of Cu-ZnO-Al,Os catalyst is found out to be enough, when it is compared with Pt-
Ce0,-Al,0s5 catalyst. As a result, the monolith length decreases from 39.40 cm to 6.30 cm

> to 495 cm’. Since the outlet

and the monolith volume decreases from 3094 cm
temperature for the Pt-based catalyst is very close to that for the Cu-based catalyst, the
difference in the amount of the catalyst mass is likely to be due to the higher activity of
Cu-based catalyst. The pressure drop along the monolith calculated by the Equation 3.10 is
found to be 1.4 x 10 atm, which is negligible. The temperature, component flow, CO

level and CO conversion profiles for the Cu-based catalyst are presented in Figure 4.35—

Figure 4.38.

Table 4.21. Comparison of product gas compositions for Pt and Cu-based catalysts

Cu-based Pt-based Difference between Pt
and Cu-based Catalysts
Catalyst Catalyst o
(Y0)
y CO % 0.973 0.974 0.001
y HO % 13.936 13.937 0.000
y CO2 % 17.027 17.026 0.000
y H; % 41.027 41.027 0.000
y N2 % 27.037 27.037 0.000
T (K) 551.38 551.37 0.00
Conversion 0.622 0.622 0.000
W (g cat) 142.74 719.72 80.17
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Figure 4.35. Temperature of bulk gas (K) versus catalyst mass (g)
(Cu-ZnO-A1203)
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The mass and energy balance equations are based on the catalyst mass so far and
they are converted to the catalyst length basis to compare the results. For Pt-CeO,-Al,Os,
the LTS reaction is simulated by applying the same monolith and reactor geometry given
in Table 4.14. The diameter of the monolith is 10 cm and the length of the monolith is
taken as 39.40 cm, as calculated in the previous simulations (Table 4.18). 0.04 per cent
and 1.08 per cent error are calculated for the amount of catalyst required and for the outlet

temperature of the LTS reactor, respectively.

When the results of the simulations based on the monolith length and the monolith
mass are compared in Table 4.22 for the same amount of the monolith and the reactor
dimensions, less CO conversion is obtained for the length-based modeling. The mole
fraction of CO in the product gas is 20.42 per cent higher due to the less conversion. The
outlet temperature is also less than the value obtained for the mass-based modeling. The
temperature, component flow, CO level and CO conversion profiles for the Cu-based

catalyst are presented in Figure 4.39-Figure 4.42.

Table 4.22. Comparison of the results obtained for the model equations based on monolith

mass and monolith length (Pt-CeO,-Al,053)

Leneth- Mass- Error % | Error %
g Difference | Quiney et | Length- Mass-
based based
Modelin Modelin % al. [53] based based
g g Model | Model
yCO % 1.173 0.974 20.42 - - -
y HO % 14.135 13.937 1.43 - - -
y CO; % 16.828 17.026 1.17 - - -
y H; % 40.828 41.027 0.48 - - -
yN2 % 27.037 27.037 0.00 - - -
T (K) 549.13 551.37 0.41 555.15 1.08 0.68
Conversion 0.545 0.622 12.40 - - -
W (g) 719.74 719.72 0.00 720.0 0.04 0.04
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4.2.1.2. Data Set 3 and Power Function Kinetic Model for Cu-ZnO-ALOs: In this section,

data taken from Tan [51] are applied to a monolith reactor instead of a packed-bed reactor
by using the pseudo-homogeneous model. The aim of this is to find out the required
monolith catalyst dimensions for 0.80 CO conversion and the results are given in Table
4.23. A monolith with a diameter of 12 cm and a length of 22.90 cm, which gives a total
catalyst mass of 748.23 g, can be used in case of a monolith reactor to obtain the same

conversion.

Table 4.23. Determination of the monolith geometry for LTS reactor (Data Set 3)

Length of monolith (¢cm) L, 12.00
Diameter of monolith (cm) n 22.60
L, /Dy - 1.88
Volume of monolith (cm®) V 2556
Catalyst mass calculated / channel for Cu (g/channel) /8 0.1020
Total number of channels c 7238
Total catalyst mass w 738.43

The results of the simulations for the LTS reaction in a monolith reactor are given in
Table 4.24. The calculated values are very close to the given data except 2.62 per cent
difference in the mole fraction of CO; in the product gas. The pressure drop along the
monolith is found to be 3.1 x 10™® atm, which is negligible. The temperature, component
flow, CO level and CO conversion profiles for the Cu-based catalyst are presented in

Figure 4.43-Figure 4.46.



Table 4.24. The properties of the product gas leaving the LTS reactor (Data Set 3)

Present Study Tan [51] Packed- . o
Monolith Simulation bed Simulation Difference %
yCO % 0.756 0.759 0.43
y H,O % 17.453 17.498 0.26
y CO; % 9.639 9.393 2.62
y H, % 29.284 29.363 0.27
y CH4 % 6.401 6.419 0.27
y N2 % 36.468 36.568 0.27
T (K) 507.42 510.00 0.51
Conversion 0.796 0.796 0.04
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Figure 4.43. Temperature of bulk gas (K) versus catalyst mass (g)

(Data Set 3)
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4.3. Comparison of Packed-Bed and Monolith Reactors

Data taken from the work of Tan [51] are used in the simulations for both packed-
bed and monolith reactors by applying pseudo-homogeneous model together with a power
function kinetic model, and the results obtained in the two cases are compared in Table
4.25. For both reactors, the CO conversion, the product gas composition and the outlet
temperature are the same. The pressure drop is negligible for the monolith reactor, while
the pressure of bulk gas at the reactor outlet drops from 0.9869 atm to 0.9431 atm in the
packed-bed reactor. The amount of the catalyst used in the monolith reactor is 31.55 g less
than that used in the packed-bed reactor, but the volume of the packed-bed reactor is
1884.18 cm’ less than that of the monolith reactor. Although the amount of the catalyst
used in the monolith reactor is less, the reason for its higher volume is that the bulk catalyst

density of the monolith is smaller due to the presence of the channels.
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Table 4.25. Comparison of packed-bed and monolith reactors for pseudo-homogeneous

model (Data Set 3)
LTS Outlet Pseudo-homogeneous Pseudo-homogeneous
Properties model-Packed-bed reactor | model-Monolith reactor
y CO % 0.756 0.756
y H,0 % 17.453 17.453
y CO, % 9.639 9.639
yH, % 29.284 29.284
y CHy % 6.401 6.401
y N2 % 36.468 36.468
T (K) 507.42 507.42
P (atm) 0.9431 -
Conversion 0.7962 0.7962
W (g) 770.00 738.45
V (cm’) 671.82 2556.00

4.4. Comparison of Pseudo-Homogeneous and Heterogeneous Models

Data taken from the study by Francesconi et al. [43] are used in the simulations of
the LTS reaction in the packed-bed reactor by applying pseudo-homogeneous and
heterogeneous models separately. The results obtained for the same catalyst bed volume in
both models are given in Table 4.26. The calculated amount of the catalyst is the same for
both models, since the same catalyst is used and its solid density and porosity values do not
change. The CO conversion, the product gas composition, the outlet temperature and the
outlet pressure are almost the same for both models, which shows that the external heat

transfer effects are negligible in the case of reactions with relatively mild heat effects.
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Table 4.26. Comparison of pseudo-homogeneous and heterogeneous models for packed-

bed reactor (Data Set 2)

LTS Outlet Pseudo-homogeneous model- Heterogeneous model-
Properties Packed-bed reactor Packed-bed reactor
y CO % 0.259 0.259
y H,O % 24.172 24.172
y COz: % 18.703 18.703
yH; % 51.191 51.191
y CHy % 5.676 5.676
T (K) 489.49 489.53
P (atm) 0.9636 0.9636
Conversion 0.9676 0.9675
W (g) 1680.91 1680.91
V (cm?) 1460 1460

Data taken from Tan [S1] are also used in LTS simulations in the packed-bed reactor

by applying both pseudo-homogeneous and heterogeneous models separately and these

results are compared in Table 4.27. For the same amount of the catalyst used in the

reactor, the CO conversion, the product gas composition, the outlet temperature and the

outlet pressure are almost the same for both models, which again shows that the external

heat transfer effects are negligible in LTS converters.
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Table 4.27. Comparison of pseudo-homogeneous and heterogeneous models for packed-

bed reactor (Data Set 3)

LTS Outlet Pseudo-homogeneous model- Heterogeneous model-
Properties Packed-bed reactor Packed-bed reactor

y CO % 0.756 0.755

y H,O % 17.453 17.452

y COz: % 9.639 9.640

yH; % 29.284 29.284

y CHy % 6.401 6.401

yN2 % 36.468 36.468

T (K) 507.42 507.48

P (atm) 0.9431 0.9430

Conversion 0.7962 0.7964

W (g) 770.00 770.00

V (em?) 671.82 671.82
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S. CONCLUSIONS AND RECOMMENDATIONS

5.1. Conclusions

In this thesis, steady-state mathematical modeling of the water-gas shift reaction is
studied in packed-bed and monolith reactors by applying the one-dimensional pseudo-
homogeneous model to both reactor types and the one-dimensional heterogeneous model
only to the packed-bed reactor at steady-state. Reactor dimensions, catalyst properties,
kinetic rate equations and other relevant data used in the simulations are taken from the
literature [43, 50, 51, 53]. Mathematical models are developed by writing the appropriate
mass, energy and momentum balances and MATLAB™ numerical computation software
is used to solve these ODEs simultaneously by using the boundary conditions to calculate
the required catalyst mass for the desired conversion to keep the CO amount in the WGS
reactor downstream less than 1 per cent. The major conclusions that can be drawn from

this study are given below:

e For Data Set 1, the results obtained by the MATLAB code written match very well
with those given in the related paper, which means that the mathematical models
developed by applying one-dimensional pseudo-homogeneous model for the packed-

bed reactor are correct and the code runs properly.

¢ One-dimensional heterogeneous model including both external and internal mass and
energy transport had been applied to the packed-bed reactor of Data Set 2. In this
thesis, both the one-dimensional pseudo-homogeneous model and the heterogeneous
model considering only external heat transfer are both applied to Data Set 2, and the
comparison of the simulation results of these two models are found to be very close
to each other as well as to the results reported in the original paper, which shows that
the use of a pseudo-homogeneous reactor model gives results similar to a
heterogeneous model, since the LTS reaction is only mildly exothermic and the

external heat transfer resistances are not appreciable. The same conclusion is also
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obtained from the results of the simulations based on Data Set 3, where the one-

dimensional pseudo-homogeneous model was originally used.

e The one-dimensional heterogeneous model accounting for both interphase and
intraparticle mass and heat transfer effect had been applied to the monolith reactor of
Data Set 4. In this thesis, the one-dimensional pseudo-homogeneous model is applied
to the monolith reactor by using the same Data Set 4 and approximately the same
amount of catalyst; the outlet temperatures obtained are found to be very similar,
indicating that the use of a pseudo-homogeneous reactor model to describe micro-
channel behavior gives results similar to a heterogeneous model, since the LTS
reaction is only mildly exothermic and the external heat transfer resistances are not

appreciable.

e Data Set 3, which is used in the modeling of a packed-bed reactor, is also used for
the one-dimensional pseudo-homogeneous modeling of a monolith reactor. The
catalyst requirement of the monolith reactor is 31.55 g less than that calculated for
the packed-bed reactor; but the volume of the packed-bed reactor is about 1884 cm’
or 1.88 L less than that of the monolith reactor. Although the amount of the catalyst
used in the monolith reactor is less, the reason for its higher volume is that the bulk

catalyst density of the monolith is much smaller due to the presence of the channels.

e For Data Set 4; when the mathematical equations derived for monolith reactors on a
catalyst mass basis are converted to monolith length basis, the conversions calculated
deviate by about 12 per cent, which directly causes approximately 20 per cent
difference in the downstream CO level. This is likely to result from the uncertainity

about the definitions of the monolith parameters, which are used in the conversion.

e The WGS performance of the monolith reactor is simulated for both Pt-based and
Cu-based catalysts, and the simulation results indicate that the Cu-based catalyst is

found to be more active than Pt-based catalyst.

e Pressure drop occurs along the catalyst bed in the packed-bed reactor due to the

presence of packing while the pressure drop along the monolith reactor is negligible.
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5.2. Recommendations

The following studies can be made to improve or modify the mathematical models

used in the present work:

e The mathematical models developed for the packed-bed reactor can be modified to

include terms describing the behavior of membrane reactors for further comparison.

e Considering that the flow regime in micro-channels of the monolith is laminar,
heterogeneous models with relevant diffusional resistances can be developed for use

with reactions involving more drastic heat effects.
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APPENDIX A: PHYSICAL PROPERTIES OF THE SPECIES

Heat Capacity of Species [54]

Table A. 1. Constants for the heat capacity equation

Cco H,0 CO, H, CH, N,

Cl1 | 3376 3.470 5.457 3.249 1.702 3.280

C2 [0.557x107 | 1.450x 107 | 1.045x 107 | 0.422x 107 | 9.081x 107 [0.593x 10~

C3 0 0 0 0 -2.164x10° 0

C4 [-0.031x10°| 0.121x10° [-1.157x10° | 0.083x 10’ 0 0.040x 10°
Cp, =(Cl,+C2, xT+C3, xT? +C4,xT?)x R (A1)

Heat Capacity of Bulk Fluid [56]

Cpf:ZCpixyi (A2)

Enthalpy of Reaction [54]

Constants for the heat of reaction equation

aci=%c1,, +Cc,,-Lar,,, -4, (A 3)
a a a a

ic2=%c2, +cr,,-Lcr,. 2o, (A 4)
a a a a

dC3=2C3,,+=C3pp, ——C31pp ——C3¢, (A 5)
a a a a
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dC4 = iC4H2 +<c4,,, —2C4H20 ~Lca,, (A 6)
a a a a
For LTS; a=b=c=d =1
AH"(T,, )= 41100 J gmol” (A7)
T, =298.15 K (A 8)

AH, = AHO(Tref)+Rx dClx(T—Tref)+%x(T2 —Trzf)+(—dC4)x{%_LJ] (A 9)
ref

Ideal Gas Gibbs Energy of Species [55]

Table A. 2. Constants for the Gibbs energy equation

CcO H,0 CO, H, CH,
G1 | -110.73 | -240.47 | -393.47 0 -70.372
G2 | -0.0866 | 0.0342 | -0.0032 0 0.048
G3 | -9x10° | 2x10° | 2x10” 0 7 %107
G4 | 8x107 |[-1x10°|9x10" 0 4 x10°
G5 |-2x10"[2x10" [ -3 x10™"° 0 8 x10™"

GF =Gl +G2,xT+G3, xT* + G4, xT° + G5, xT*

Ideal Gas Gibbs Energy of Reaction [55]

d

g _
GRxn - ;GHZ +

c

b

a
_Gcoz __GHZO -

GCO

(A 10)

(A11)



Viscosity of Species [50]

Table A. 3. Lennard-Jones parameters
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Cco CO, H, CH, N,
Collision diameter, CD (A) | 3.590 | 3.996 | 2915 | 3.780 | 3.667
Epsilon / Kappa, LJ (K) 110 190 38 154 99.8
LJ,=LJ,, (A 12)
LI, =(LJcp + LI gy + LI cyyy + LT, )/ 4 (A 13)
LJ,, =(LJ,xLJ,)" (A 14)
T*=T/LJ,, (A 15)
. 524 2.161
:115114;13+ 0.52487 . 6178 (A 16)
T *" exp(0.77320x T *)  exp(2.43787 x T *)
s M, xT
U, =2.6693x107 x ——— (A17)
CD.x6
Ly =1.73x107"  [55] (A 18)
Viscosity of Gas Mixture [56]
{ M 12 12 Y, 1473
R [1+ j x 1+(ﬂ] x( ] (A 19)
\/g M, b M,



Vi X H;

ZZ y; x®,

a = for H,, b = for mixture of CO, CO,, CH4 and / or N,

Diffusivity of Bulk Fluid [56]

CD, =CD,,,

CD, =(CD, + CD_,, + CD,, +CD,,)/ 4

1.06036 0.19300 1.03587 1.76474
Cl,. = #0560 a7t a7t *
T exp(0.47635x T*)  exp(1.52996x T *) ~ exp(3.89411x T *)

D, =0.0018583x |T° x| L 4! !
M, M, “PxCD xCI..

a ave

Effective Diffusivity of Bulk Fluid [42]

=Dabxgxo-

Thermal Conductivity of Species [56]

2 =(cp, + ((%)X r)- [ﬁ]
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(A 20)

(A 21)

(A 22)

(A 23)

(A 24)

(A 25)

(A 26)

(A 27)



Thermal Conductivity of Bulk Fluid [43]

ZMixinCpi
125

- ZMixyi

Dimensionless Numbers [44]

Nu =2+ (1.1x Pr0Px Re"*)

Sh=2+(1.1x 5" x Re"*)

Heat and Mass Transfer Coefficients [44]

Nux A,
h, = D
P

g =5 Da
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(A 28)

(A 29)

(A 30)

(A 31)

(A 32)

(A 33)

(A 34)

(A 35)



APPENDIX B: FIGURES
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Figure B. 1. Temperature of bulk gas (K) versus catalyst mass (g)

(CO conversion = 0.80, Data Set 3, power-function pseudo-homogeneous model)
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Figure B. 2. Flow rate of components in the bulk gas (gmol s™) versus catalyst mass (g)

(CO conversion = 0.80, Data Set 3, power-function pseudo-homogeneous model)

CO %

0.5

L L L 1 1 1 1
0 100 200 300 400 500 600 700 800
Catalyst mass, g

Figure B. 3. CO per cent of the bulk gas versus catalyst mass (g)

(CO conversion = 0.80, Data Set 3, power-function pseudo-homogeneous model)
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Figure B. 4. Conversion of CO versus catalyst mass (g)

(CO conversion = 0.80, Data Set 3, power-function pseudo-homogeneous model)
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