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ABSTRACT

DEVELOPMENT AND VERIFICATION OF A TWO PHASE REACTOR MODEL FOR
INDUSTRIAL LIGHT NAPHTHA ISOMERIZATION REACTORS

Isomerization process is one of the most important chemical processes used in the
petroleum industry. Its product is named as the “isomerate” which is the major element of
the gasoline pool that compensates for the octane rating and volume loss upon reduction of
benzene and butane derivatives. In addition, environmental regulations limit the sulfur and
benzene levels in gasoline, which are expected to become even more stringent with future
restrictions on maximum vapor pressure and olefins content. UOP Penex™ process is one
of the most preferred applications for isomerization. It converts low-octane light naphtha to
higher-octane, branched isomers. In addition to isomerization reactions, benzene reduction,
ring opening and cracking reactions also occur in reaction mixtures. A typical Penex reactor
involves catalytic cracking and conversion on a fixed bed of chlorinated Pt/Al,O3 catalyst
and increases the octane number from 60-70 to 85-87. The reactions take place in the
presence of hydrogen with low partial pressure, at operating pressures around 32 bars and in
a temperature range of 130-160°C. Isomerization involves moderately exothermic reversible
reactions; hence, it is controlled by thermodynamic equilibrium that is more favorable at low
temperatures. This implies that the reaction temperature has to be maintained in an optimal
range between the thermodynamic and kinetic limits. A descriptive reactor model with
sufficient complexity is essential in order to optimize the process by maximizing the
isomerate up to a given octane number and quantity and related process improvement. In
this work, the Penex reactors at Tiipras lzmir Refinery are handled rigorously, using a
steady-state, co-current, down-flow, two-phase reactor model where chemical reaction rates
are described by power law kinetics. Kinetic parameters are estimated by nonlinear
regression that uses an objective function based on the minimization of the sum of square
errors between plant data and calculated values. The results show that, i-Cs product ratio is
typically maximized at ca. 160°C, slightly above the required ca. 130°C for obtaining
maximum 2,2-dimethylbutane product ratio. It is also seen that Cs paraffins isomerize more
readily than Ce paraffins. Moreover, the benzene in the feed is found to be completely
converted in the 100-200°C range studied.
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OZET

ENDUSTRIYEL HAFIiF NAFTA IZOMERIZASYON REAKTORLERI iCIN iKi FAZLI
REAKTOR MODELI GELISTIRILMESI VE DOGRULANMASI

Izomerizasyon prosesleri, petrol endiistrisinde en ¢ok kullanilan kimyasal siireclerden
biridir. izomerat olarak adlandirilan iiriinii, benzen ve biitan tiirevlerinin giderilmesi sonucu
meydana gelen hacim kaybini karsilamak i¢in benzin havuzunda kullanilan ana maddedir.
Ek olarak, ¢evre mevzuati benzin igerisindeki siilfiir ve benzen oranimi belirli sinirlarda
tutmakta ve gelecekte bu diizenlemelerin daha fazla kisitlama yaratacagi 6ngoriilmektedir.
Izomerizasyon teknolojisinde, UOP Penex™ uygulamasi en fazla tercih edilen proses
tiiriidiir. Islem olarak diisiik oktanli hafif naftayr yiiksek oktanli, dallanmis izomerlerine
doniistiiriir ve ayn1 zamanda benzen azaltimi, halka agilmasi, ve kirilma reaksiyonlarinin da
olmasini saglar. Tipik Penex reaktorii, klorlanmis Pt/Al>O3 katalizi iizerinde kirilma ve
dontigiimle rliniin 60-70 oktandan 85-87 oktan araligina ¢ikmasini saglar. Reaksiyonlar
diisiik kismi basing altinda hidrojen varliginda 32 bar ve 130-160 °C araliginda gergeklesir.
Reaksiyonlar yiiksek egzotermik geri doniistimli oldugundan diisiik sicaklikta daha etkili
olan termodinamik denge ile kontrol edilir. Bu da sicakligin termodinamik ve kinetik limitler
arasinda optimum bir noktada olmasi gerektiginin Onemini gosterir. Siireci optimize
edebilmek igin gerekli diizeyde karmasiklik igeren reaktor modeli kurulmasi 6nemlidir. Bu
calismada, Tiipras Izmir Rafinerisinde bulunan Penex reaktérlerinin, yatiskin halde, asag
yonde akisla cift fazda ve reaksiyon hizlarmin iis kurali kinetigiyle modellenmesi
yapilmustir. Kinetik parametreler, linite verisi ve model ¢iktis1 arasindaki hatanin kareleri
toplaminin minimize edilmesine dayanan hedef fonksiyonunun lineer olmayan regresyon
yontemi ile ¢oziilmesinden elde edilmistir. Sonuglar izopentan ve 2,2-dimetilbiitanin {iriin
oraninin normalde olmasi gereken 130 °C’nin ¢ok ftizerinde, 160 °C’de maksimize
edilebildigini gostermistir. Ayni zamanda bes karbonlu parafinlerin alt1 karbonlu parafinlere
oranla daha kolay izomerlesmekte oldugu da goriilmiistiir. Ek olarak, iinite beslemesinin

icerisinde bulunan benzen 100-200 °C araliginda neredeyse tamamen doniisiime ugramustir.
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1. INTRODUCTION

The vision of a modern oil refinery is now becoming more complex when compared
with the past decades. The concerns of the public about the Earth's environment and health
considerations have led to a number of new legislative measures around the world. Thus, the
requirement to meet the challenge of clean fuel processing regulations must be applied
accordingly. Environmental problems have become more important in refinery planning
since 1970’s initially in the USA. These requirements forced oil refiners to find new ways

of clean oil production and octane reduction management in the gasoline pool.

Sulfur and benzene levels have been decreased in the gasoline pool in recent years; it
is predicted that regulations on aromatic and olefin contents as well as vapor pressure may
be introduced in the future [1]. In addition, the limitations on aromatics and vapor pressure
will result in reduced use of C4 and reformate, respectively, which makes the problem of
handling toxic benzene content in the gasoline pool become more important. In this respect,
gasoline production units in the petroleum industry must compensate for the requirements

of these new considerations.

In general, the gasoline produced in a refinery requires a combination of different
processing technologies classified as crude oil distillation, cracking, hydrocracking,
reforming, polymerization and hydroisomerization. The distillation of crude oil results in
light naphtha, heavy naphtha, kerosene, gas oil and reduced crude. The raw materials of
gasoline production are the light and heavy naphtha which are processed by thermal,
catalytic and hydro-cracking, followed by reforming and isomerization. Catalytic cracking
produces blending components for high-octane gasoline and serves to improve the octane
number. Hydrocracking permits wide variations in gasoline yield and furnace oils to meet
seasonal demand changes and can effectively process hard-to-crack stocks. Reforming
processes convert low octane gasoline-range hydrocarbons into higher-octane ones.
Polymerization combines two or more low molecular weight olefin gases into higher
molecular weight olefin liquids suitable for gasoline blending or for use as chemical feed

stocks. Isomerization processes convert linear structured hydrocarbons into branched form



by reducing aromatics and sulfur content with increased volume. Furthermore, the
isomerization unit does not need furnace and compressor facilities, thus these properties
increase its importance. A well-established isomerization technology is available nowadays,
with an installed capacity of about 1,500 thousand barrels per stream day, and it is growing
steadily. The paraffin isomerization technology is dominated by UOP with Penex™ (Cs/Ce)

and Butamer™ (Cj) units [2].

In the petroleum refining industry (downstream and marketing division), the
availability of practically sulfur-free blend stocks having very low aromatics and high iso-
paraffin contents is an essential criterion for maximizing profit in the production processes
of engine gasoline, diesel fuels and lube base oils. These blend stocks can be produced from

suitable feed stocks by using appropriate hydroisomerization catalyst(s) [3].

In refinery hydroisomerization processes, naphtha is not directly sent to the reactor as
feed; it is processed and one of its components (alkanes) is fed to the reactor. Alkanes are
organic compounds that are saturated hydrocarbons, known as “paraffins” in petroleum
refining; they have the general chemical formula of CyHn+2 and are used as an intermediate
product to obtain high octane products [4]. Light alkanes which range between Cs-Cs are
important chemicals for the refinery hydroisomerization process, in which the straight chain
alkanes are converted to branched-chain isomers, and the branched isomers of these
hydrocarbons have higher octane numbers compared with straight chain isomers; thus, iso-

alkanes are valuable additives to the fuel.

The products of hydroisomerization reaction are mainly methyl cyclopentane (MCP),
2,3-dimethyl butane (23DMB) and 3-methylpentane (3MP). Although the octane numbers
of MCP and 23DMB are high, 3MP has a low octane number and, therefore, the amount of
3MP must be minimized in the product stream of the reactor by manipulating the reaction
temperature. Since the hydroisomerization process is exothermic, it is very important to

control the reaction temperature.

In this study, it is shown by mathematical modelling that isomerization reactions can

be represented concisely and all reaction parameters can be estimated, despite the complex



reaction scheme involved. The modelling studies include the different types of reactions that
define the isomerization unit and the estimation of the parameters for these reactions. The
co-current, down-flow, two-phase isomerization reactors are assumed to be operating under
plug flow conditions, and comprehensive models are used in modelling and simulations. In
order to accomplish this aim, MATLABO is used as the mathematical modelling tool to

solve the mass and energy balance equations with a phase change algorithm.

A detailed literature search about isomerization is given in Chapter 2. In Chapter 3,
modelling and simulation studies conducted for industrial isomerization reactors are
presented. Results of computational simulations are reported in Chapter 4, together with the
discussion of outcomes; the detailed numerical results of the simulations are given in the
Appendix. Finally, major conclusions and recommendations for future studies are explained
in Chapter 5.



2. LITERATURE SURVEY

2.1. Light Paraffin Isomerization

2.1.1. lIsomerization Catalysts

The reduction of benzene content in fuels is forced by government environmental
regulations. Thus, additional benzene reduction reactions are needed in the isomerization
process. The effects of different laboratory- and industrial-scale catalysts on isopentane
activity are shown in Figure 2.1, [5], where 1 represents upgraded Pt/Al.O3/Cl, 2 represents
Pt/superacid, 3 represents Pt/Al.Oz/Cl, 4 is Pt/sulfated metal oxide, 5 is mixed metal oxides
(ZrO2 + WO0:»), 6 are different Pt/zeolites. Platinum based Al,Os/Cl catalysts are still best at
providing the necessary benzene reduction and octane yield in the product, as seen from
Figure 2.1 [3].
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Figure 2.1. Isomerization activity comparison of several different catalysts.



Chlorided alumina and zeolite-based catalysts are the two widely utilized catalysts for
naphtha isomerization process. The detailed process descriptions are discussed in the
following sections. The comparison of different types of isomerization catalysts are given in

Table 2.1. The detailed process descriptions are discussed in further sections.

Table 2.1. Comparison of industrially used isomerization catalysts.

Catalyst Advantages Disadvantages
Chlorided | ¢ Offérs the higher activity » Chloride addition necessary for catalyst
alumina | ® Yields high octane isomerate | activity .
o Offers high isomerate yield | e Sensitive to poisons
Zeolitic | ® Regenerable _ * Lowest activity
catalysts | ° Tolerant to feed poisons * Requires high temperatures and Ha/HC
e \Very stable ratios
Sulfated | ® Possess intermediate a.ctivity e Requires higher H2/HC ratios
Jirconia | ® Yolerant to catalyst poisons

¢ Regenerable

2.1.1.1. PT-NI/H-Beta Zeolite Catalysts. The regulation on the benzene content of aromatics

has a negative effect on octane number, because the removal of benzene decreases the octane
number of the products. This effect has forced the consideration of skeletal isomerization in
a different way. Generally, ring opening reactions are generated with isomerization
processes. Many different metals have been tested for this purpose, and it was found that
metal catalyst performance can be increased by adding a second metal, which is explained
by metallic cluster formation [6].

First of all, nickel was introduced as the second metal while studying isomerization
and cracking of n-heptane on the Ni-Mo/H-Y zeolite catalyst [7]. Later on, studies continued
with n-hexane and n-heptane isomerization with different nickel contents. It was found that
increasing the nickel content increases the isomerization reactions. In addition, the

selectivity for the production of di-ramified alkanes increases with the Ni content [8].

2.1.1.2. Heteropoly Acid Catalysts. Heteropoly acid catalysts consist of polyoxometalate

anions, and they are known to form ionic crystals comprising of heteropolyanions and



hydration water. They absorb large amounts of polar molecules like ethers and amines in
bulk, resulting in heteropoly acid solvates. Studies show that these types of catalysts have
higher Bronsted acidity than other solid acid catalysts; however, their thermal stability
decreases with high temperature [9]. In addition, their overall catalytic activity and
selectivity for isomers are similar to that of industrial zeolite catalysts under the same
reaction conditions. It is also claimed that modification of this catalyst with platinum group
metals increases thermal stability and regeneration features, and decreases coke formation
[10]. HPAs are also important because of their economic and environmental characteristics.
Compared with zeolite or metal oxide catalysts, HPAs have discrete ionic structures and they
have high mobility so that anions can stabilize cationic paraffin intermediates; also, any

change in chemical composition of catalyst changes its redox characteristics [11].

2.1.1.3. Molybdenum Oxide Based Catalysts. Molybdenum oxide based catalysts are also

play a significant role in studies of alkane isomerization reactions. At low temperatures (300
°C), unreduced MoOs is found to be inactive; however, at higher temperatures (350 °C),
activity and selectivity are promoted [12]. It is concluded that reduced MoO3 catalyst
successfully isomerizes n-pentane by a conventional bifunctional mechanism and that the
catalyst maybe employed as a substitute to the bifunctional zeolite. Moreover, nickel content
is found to be effective in stabilizing the activity of isomerization without changing the
selectivity [13]. Studies also show that these catalysts have high activity and selectivity and

they have potential for achieving the requirements of environmental regulations [14].

2.1.1.4. Chlorinated Platinum Alumina Catalysts. The chloride catalysts which are called

Friedel crafts or Lewis acid catalysts like AICIs, SbCls, FeCls were used as isomerization
catalysts during earlier industrial times. Catalysts that use aluminum as metal are the most
active isomerization catalysts and they are widely used in industry. They operate at low
temperature which is chemically favorable because the equilibrium position shifts to the
right, yielding more branched isomers at shorter reaction times; however, they are very
sensitive to poisons compared to other types of isomerization catalysts [11]. Water and sulfur
based materials are very poisonous for these catalysts, thus a treatment and drying process
is needed in feed preparation. Continuous chloride injection is also needed during operation
to maintain catalyst activity. Chlorinated Pt/Al>Os catalysts usually operate at lower end of

the temperature range of 130-170°C and hence do not have thermodynamic limitations.



Platinum component helps with the saturation of aromatics and ring opening of naphtenes,
and aluminum metal part is involved in isomerization reactions. The negative feature of this

catalyst is that it is irreversibly deactivated and regeneration is impossible [15,16].

2.1.1.5. Zeolite Based Bifunctional Catalysts. Zeolite based catalysts can be efficiently used

for industrial isomerization processes by loading active metals like platinum or palladium.
Reactions are take place in the presence of hydrogen with medium pressure in the range of
20 — 70 kg/cm? pressure, thus, this process is also called hydroisomerization. Because acid
catalysis and dehydrogenation action take place on adjacent components on the same
material, these catalysts are named as bifunctional. A summary of bifunctional activity is
given in Table 2.2. The metal part catalyzes hydrogenation and dehydrogenation while acidic
part catalyzes the isomerization step [11]. When the influence of each alkane on catalytic
activity is studied, cyclohexane is adsorbed over the zeolite part, thus, the reactions are
inhibited [17]. For this reason, higher cyclohexane composition in the feed decreases the
reaction activity. In addition, zeolite-based catalysts have low activity and operate at
relatively high temperatures of 250-300 °C which is not thermodynamically favorable for the
formation of branched isomers. The main advantage of using these catalysts is that they are
not sensitive to water or chemical compounds, as in the case of alumina-based catalysts.
Since zeolite based catalysts are resistant to feed poisons, extensive feed pretreatment steps
are not required, and thus, these catalysts offer lower capital investment; a typical zeolite-

based catalyst operates for a period of 10-15 years [15,16].

2.1.1.6. Sulfated Zirconia. The activity of these types of catalysts is between that of zeolites

and chlorinated alumina catalysts. Unlike chlorinated alumina catalysts, sulfated zirconia
catalysts are tolerant of oxygenates such as water and CO in the feed. These catalysts do not
require a halide promoter, so there is no chloride injection or caustic scrubber, and they are

also regenerable [15].

Studies show that sulfated zirconia catalysts become strongly acidic when treated with
H2>SOsand calcinated at high temperatures, and are active for n-butane isomerization at room
temperature [18]. In addition, platinum has positive effect on the isomerization selectivity

on these catalysts in the presence of hydrogen [19]. It is clear that the platinum content



stabilizes catalytic activity and ensures higher selectivity for hydroisomerization; however,
some research findings show that the isomerization activity of zirconia catalysts declines
rapidly at lower temperatures [20]. This was thought to be due to coke formation, reduction
of Zrs" to Zrs" by reacting hydrocarbons, H2S formation due to reduction of surface sulfate
groups, and surface poisoning by water. Similarly, the acidity and activity relationship has

not yet been fully understood [11].

2.1.1.7. Benzene Saturation Catalysts. Benzene saturation reactions are as important as

isomerization reactions because of environmental regulations. Most commonly used
catalysts for this purpose are nickel or platinum based. Platinum based catalysts are generally

advised by licensor companies because they are not permanently poisoned [15].

Table 2.2. Isomerization reaction steps and required catalyst function.

Step No | Reaction Step Catalyst function
1 Dehydrogenation of paraffin to intermediate olefin Metal
2 Carbonium ion formation from the olefin Acid
3 Rearrangement of carbonium ion to isocarbonium ion Acid
4 Formation of iso-olefins from isocarbonium ion Acid
5 Hydrogenation of isoolefin to isoparaffin Metal

2.1.2. Reactions and Mechanisms

Isomerization processes aim to convert n-Cs, n-Cs, and n-Ce into their branched
isomers. In addition to isomerization reactions, there are additional reactions that occur
during this process, such as benzene saturation. The most important reactions occurring in

the isomerization process are summarized in Table 2.3 [16].



Table 2.3. Important isomerization reactions and their characteristics.

Reaction Characteristics

e Desirable reaction and limited by equilibrium
e High activity catalysts result in low temperature operation and
thus improve isomer yield

Isomerization of n-
paraffins

Ring opening of

naphtenes o Favored by high temperatures high catalyst activity

e Desirable reaction
Benzene saturation | e Occurs over hydrogenation sites of the catalyst
e Highly exothermic resulting in high reactor AT

e Favored by high reactor temperature

Hydrocracking e Result in yield loss

A general sequence of steps for solid-catalyzed reactions can be expressed together

with physical transport steps in the following manner [21]:

e Heat and mass transport from the bulk fluid to catalyst outer surface,

e Heat and mass transport from the outer surface to catalyst pores,

e Adsorption, chemical reaction and desorption of products from catalyst active site,
e Heat and mass transport from the catalyst pores to outer surface,

e Heat and mass transport from the outer surface to bulk fluid.

The rate determining step in this sequence is the chemical reaction on the active site;

therefore, the chemical reaction mechanism for catalytic reactions is considered here.

Catalysts that were used previously for reforming reactions had only the acid function.
The reason for having acidic activity was to increase the resistance for coke formation.
Afterwards, when platinum loaded catalysts were developed, it was seen that they were more
active and selective than the monofunctional acidic catalysts. Studies on bifunctional
catalysts aimed to explain the reaction mechanism; and the first reaction mechanism claimed

for n-paraffins given in Figure 2.2 [22].
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n-CnH2n+2 i- CnH2n+2
A A
+H:> -Hz2 +H:> -H>
A 4 A 4
+H+ -H+
n'CnHZH M n'CnH+2n+1 ﬁ i'CnH+2n+1 M i'CnHZn
- H+ _|_H+
Metal Site Metal Site

Figure 2.2. Classical bifunctional mechanism for hydroisomerization of n-alkanes.

Bifunctional solid acid catalysts loaded with platinum began to be widely used in the
industrial isomerization processes later on. One site acts as an acid catalyst, the other site
acts as a hydrogenation—dehydrogenation catalyst. Paraffins are dehydrogenated on metallic
sites to the corresponding alkenes, which are isomerized by acid sites to branched alkenes.
The branched alkene is then hydrogenated into the branched alkane again on the metallic
sites [18]. As seen from the Figure 2.2, the metal sites are involved in the difficult step of
alkane activation. The hydrogenation-dehydrogenation steps reach equilibrium in the
presence of hydrogen on the metal component. The carbonium ion rearrangement step is the
rate determining step of isomerization reactions, thus it is the most important step of the
mechanism on the acidic sites that must be clearly understood. In addition, there are studies
showing that isomerization activity is controlled by paraffin diffusion between active sites
[23]. Besides isomerization reactions, ring opening, benzene saturation, and hydrocracking
reactions also occur on the catalyst surface. All these reactions are schematically represented
in Figure 2.3 [24].

The advantage of using bifunctional catalysts is the high catalytic activity observed in
the presence of hydrogen, and because of equilibrium reactions, hydrogen shifts the reactions
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to the product side [22]. Studies prove that isomerization reactions obey the three elementary
steps in the reaction mechanism, which are dehydrogenation, isomerization and
hydrogenation. Despite the establishment of this theory, there are many unsolved points to

be studied and further investigations are necessary to clarify the reaction mechanism [11].
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Figure 2.3. Reaction pathways of hydrocarbons and benzene.

2.1.3. Kinetics

The most important parameter for isomerization reactions is reaction temperature. For
this reason, thermodynamics of the various reactions must be considered carefully. The first
factor that must be considered is that isomerization reactions are equilibrium reactions and
that lower reaction temperatures mean higher isoparaffin yields. On the other hand, the

reactions are exothermic and when the temperature increases, reaction rates also increase;
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however, high temperatures limit the yield by thermodynamic equilibrium. The schematic

representation of this phenomenon is given in Figure 2.4 [25].

iso-Paraffin Concentration

& /7 KINETIC THERMODYNAMIC .
v ,#  LIMITATION LIMITATION

Optimal Temperature Reaction Temperature

Figure 2.4. Dependence of n-paraffins conversion on reaction temperature.

In ideal bifunctional behavior, the isomerization reaction step is rate determining, and
the hydrocarbon concentrations inside the catalyst are in equilibrium with the gas phase.
Generally, these reactions obey the Langmuir-Hinshelwood mechanism and various reaction
rate expressions were obtained in different studies. An overall rate expression given in the
literature for hexane isomerization is as follows, and the order of reaction, o, is equal to or

smaller than unity [26].

Pn
Kdehydr K prot ( p:j ]

r= I(iso ~ kiso ( Kdehydr K prot ( I;HCG JJ (21)
1+ Kdehydr Kprot ( pnCG j "
Pr2

When the pores of the catalyst are completely covered with reactant, this inhibits

diffusion and equilibrium between hydrocarbons and gas phase is no longer attainable. In
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this circumstance, the proposed general form of the rate expression becomes [27]:

PAR(1)-P

— k n—alkane 22
f % B Y PAR(2) Po, P + PAR(3) P @2)

n—alkane

—alkane

Where PAR(1), PAR(2), and PAR(3) are equilibrium and adsorption parameters. This

rate expression is studied and confirmed on n-alkane isomerization reaction kinetics.

Many studies have been conducted on the Kkinetics of isomerization of n-alkanes. In
addition to individual alkanes, binary mixtures were also studied and some of the best

representing results were acquired as [28]:

For n-Cs / n-Cg mixtures:

nC5

PAR (1)nC5 P

I es =k _
T P, +PAR(2) . Pes+PAR(2) . P 23)
o PAR(1) . -Pys 0
n-C6 iso .
PHZ '(1+ PAR(?’)ncs ’ Pncea +PAR (3)nC5 ) Pncs)
For n-Cs / n-C7 mixtures:
r—k PAR (l)nCG “Prcs (2.5)
n-C6 iso .
P, -(1+ PAR(2) . -Pcs+PAR(2) - Pnc7)
r —K PAR (1)nC7 P (2.6)
n-C7 iso .
P,, .(1+ PAR(2) ..-Pc, +PAR(2) .- Pnce)
For n-Cs / c-Cg mixtures:
PAR(1 -P
rn—C6 —Riso ( )nC6 = (27)

P, .(1+ PAR(2) . -Pcs+PAR(2) . - Pcce)
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PAR(1) . -P

_ cC6 “Tece

r.c— — Niso
ce P, ~(1+ PAR(2) . -Pcs +PAR(2) .- PnCG)

(2.8)

The kinetic parameters determined for these binary mixture isomerization reactions at
200 °C, are given in Table 2.4.

Table 2.4. Kinetic constants determined for binary mixtures.

Mixture PAR(1) PAR(2) PAR(3)
n-Cs / n-Cs 8.0-10° 19.7 34.3
n-Cs / n-Cs 3.4.10° 58.4 231.1
n-Ces / Nn-C7 2.0-10° 0.5 -
n-C7/n-Cs 5.3.10™* 1.3 -
n-Ce / c-Cs 4.2-10™" 1.8 -
c-Cs/ N-Cs 5.8-10°° 7.1 -

2.1.4. Coke Formation and Deactivation

A simplified mechanism for the coke formation process can be schematically

represented as:

M
H>
M Cev =——p CHy
R P
H>
\/ A Ceca » CHgy
A
A

Figure 2.5. Simplified mechanism of coke formation.

According to Figure 2.5, R represents the reactants, and they undergo chemical



15

reaction on metal and acid sites denoted by M and A respectively. During the chemical
reactions, coke precursor is produced (P) which is then transformed to coke form on a metal
or acid site. Regeneration can happen in the presence of hydrogen, thus methane can be
produced. In order to understand the Kkinetic definition of this process, precursor
concentration is assumed to be proportional to the initial metal and acid concentration with
dimensionless constant (Mo+bAo). By this assumption, rate of metal and acid coke formation
can be defined with [29]:

M th‘/IMOSM (Mo+bAo)_kHMMdCH2 (2.9)

Fa = fAAbSA (Mo +bAo)_ KinAsCriz (2.10)

Here f. represents the coke formation, s is the vacant sites, k,; is the coke removal

rate constant.

In laboratory scale experiments, it is concluded that coke formation rate is directly
affected by the ratio of metal and acid sites. In addition, because coking can be regarded as
a polymerization reaction of olefins, the steady state level of deactivation increases with
increasing partial pressure of n-paraffins and decreasing partial pressure of hydrogen. Coke
formation directly affects the selectivity of products. Studies also show that acid part of the
bifunctional catalyst is more attractive to be deactivated than metallic parts [29]. Under

industrial conditions, the deactivation is low because of high operation pressure [22].

Besides coke formation, activation is decreased by the poisons coming from the feed
which can be sulfur, nitrogen, and water. These materials directly affect catalyst activity and
poison active sites. For this reason, before the process, a pretreatment and drying procedure

is applied to protect the catalyst against these poisoning agents [22].

2.1.5. Unit Performance

The performance of an isomerization unit is measured by the resulting high octane
components. The most important indicator is ratio of isoparaffin to n-paraffin named as the

paraffin ratio, which can be expressed for a Cs-Cs isomerization unit as follows [30]:
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-G (2.11)

Isopentaneratio =——
Y (i-C,+n-Cy)

In addition to the isomerization ratio, selectivity is another indicator to measure the
unit performance. It is generally used for the butane isomerization and Cs-Cs isomerization

units; paraffin isomerization number (PIN) used as a performance indicator is defined as;

1-C, 22DMB +23DMB

"N =S i—c.+n-c) " T(i-C.+n-C,)

(2.12)
Selectivity of the catalyst to iso-alkane molecules increases with decreasing alkane

chain length. In addition, temperature is the major parameter that affects the selectivity.

Figure 2.6 shows the relationship between temperature and alkane selectivity [31].
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Figure 2.6. Selectivity to total isomers at different temperatures.
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2.2. Industrial Isomerization Processes

There are five types of different isomerization processes used worldwide. These are,
medium-temperature isomerization process (250-300 °C) on zeolite catalysts [32] given in
Figure 2.7, low-temperature isomerization process on chlorinated-alumina catalysts given in
Figure 2.8, sulfated metal oxides given in Figure 2.9, low-temperature butamer process on
chlorinated-alumina catalysts [33] given in Figure 2.10, and total isomerization process

given in Figure 2.11.

There are different types of isomerization processes used commercially given below.
These are for butane isomerization and pentane/hexane isomerization processes. When
historical development of the processes and use of most developed technologies are studied,
it can be seen that nowadays UOP is the leader licensing company that has more than 200
operation units all over the world. Big companies refinery industry such as Shell, BP, and
UOP have been supporting for development of this processes for many years. Development
of isomerization processes can be divided into four historical groups. A brief summary of

these commercial processes are given in Table 2.5 [33].
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make-up -D Compressor
1 H2 recycle

Separator

— Off Gas

Stabilization
column

Light A'Q__"
. 4@

Fire Heater

@ + [somerate

Figure 2.7. Process flow diagram of zeolite catalyst based isomerization.
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Figure 2.8. Low-temperature isomerization process on chlorinated-alumina catalysts.
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Figure 2.9. Process flow diagram of sulfated zirconia catalyst based isomerization.
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Figure 2.10. Process flow diagram of Butamer process.
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Table 2.5. Processes for light naphtha isomerization.

Generation | Licensor Feed Phase T(°C) P(kg/cm?) Catalyst
Shell Cs Gas 95-150 - AICl3/ bauxite / HCI
| UOP Ca Liquid - - AICl3 / HCI
Standard Oil Cs/ Ce Liquid 80-100 - AICI3 / HCI
Shell Cs4,Cs/Cs Liquid - - AICl3/ SBF3/ HCI
UOP: Butamer Cs Gas 375 - Pt / Support
Kellogg: Iso-Kel Cs/Cs Gas 400 20-40 Group (VIII) / Support
I Pur Qil: Isomerate Cs/ Ce Gas 420 50 Not noble metal / Support
UOP: Penex HT Cs/Cs Gas 400 20-70 Pt / Support
Linde Cs/ Ce Gas 320 30 Pt/ Si-Al
Atlantic Refining Pentafining Cs/ Ce Gas 450 50 Pt/ Si-Al
UOP: Penex BT Cs4,Cs/ Cs Gas 110-180 20-70 Pt/ Al,O3z; AICI3
" BP Cs4,Cs/ Ce Gas 110-180 10-25 Pt/ Al2O3; CCly
IFP Cs4,Cs/Cs Gas 110-180 25-50 Pt/ Al2Os; AIR«Cly
UOP: Butamer Cs Gas 110-180 20-30 Pt/ Al2Os; AlCs
Shell: Hysomer Cs/Cs Gas 230-300 30 Pt / H-modernite
Mobil Ce Gas 315 20 H-modernite (Pt, Pd)
v UOP Ce Gas 150 - H-modernite + PtRe / Al203
Sun Oil Cs/ Ce Gas 325 30 PtHY
Norton Cs Gas 250 30 Pd / modernite
IFP Cs/ Ce Gas 240-260 15-30 Pt / H-modernite
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2.3. Packed Bed Reactors

Packed bed reactors consist of uniformly sized catalyst particles distributed regularly
or randomly in a tube or vessel. The fluid stream sent to the reactor flows through the catalyst
particles and undergoes chemical reaction on the catalyst active sites resulting in heat
absorption or heat release. In some systems, heat addition or removal is needed by quench
flow or through the tube wall. Examples of the simple packed bed reactor and multitubular

fixed bed reactor are given in Figure 2.12 respectively [34].
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Figure 2.12. Basic types of catalytic packed bed reactors.

The main element of packed bed reactors, as the term “packed” implies, is the solid
catalyst placed in the reactor tube. There are many types of solid catalysts that are used for
different types of chemical processes. The catalyst makes the processes specific for a given
type of production and is like the fingerprint of the process. Some examples of catalysts are

listed in Table 2.6 to indicate their area of use [35].



Table 2.6. Catalyst types used for different chemical reactions.
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Catalyst

Reaction

Metals (Ni, Pd, Pt as powders or on
supports) or metal oxides (Cr.0z3)

C=C bond hydrogenation
olefin + H, - paraffin

Metals (Cu, Ni, Pt)

C=0 bond hydrogenation
acetone + Hz - isopropanol

Metal (Pd, Pt)

Complete oxidation of hydrocarbons,
oxidation of CO

Fe (supported and promoted with alkali
metals)

3H> + N2 2> 2NH3

Ni

CO + 3H2 & CHgs + H20 (methanation)

Fe or Co (supported and promoted with
alkali metals)

Fischer Tropsch reaction

Cu (supported on ZnO, with other
components, Al203)

CO + 2H2 - CH30OH

Re + Pt (supported on 1n-Al203 or ¥ -Al203
promoted with chloride)

Paraffin dehydrogenation, isomerization
and dehydrocyclization

Solid acids (SiO2-Al203, zeolites)

Paraffin cracking and isomerization

¥ -Al203

Alcohol = olefin + H,O

Pd supported on acidic zeolite

Paraffin hydrocracking

Metal oxide supported complexes of Cr, Ti,
Zr

Olefin polymerization
ethylene - polyethylene

Metal oxide supported complexes of W or
Re

Olefin metathesis
2 propylene - ethylene + butene

Ag (on inert support, promoted by alkali
metals)

Ethylene + 2 O2 - ethylene oxide

V205 or Pt

25072 + 02 > 2 S0O3

V205 (on metal oxide support)

Naphthalene + 9/2 Oz = phthalic
anhydride + 2CO; + 2H.0

Bismuth molybdate

Propylene + 2 O2 = acrolein

Mixed oxides of Fe and Mo

CH3OH + O, - formaldehyde

Fes04 or metal sulfides

H2.0 + CO & H2+ CO2
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In the majority of fixed-bed reactors used for industrial synthesis reactions, direct or
indirect supply or removal of heat in the catalyst bed is utilized to adapt the temperature
profile over the flow path to the requirements of an optimal reaction pathway as much as

possible.

Packed bed reactors have complex physical and chemical phenomena, thus exact
mathematical description of these reactors is not possible. Instead, simplified models are
used to define the problem. Moreover, nonlinear reaction rate expressions also complicate
the solution of differential and algebraic set of equations. Therefore the problem is usually
handled by numerical or approximate solutions. In packed bed reactors, convection is
generally dominant to conductional heat and diffusional mass transfer, thus defining these
terms is very important. Considering the complexity of the equations involved, techniques
treating various phenomena in one algorithm that solves the entire set of equations are
needed. Each individual technique should be flexible and simple enough to allow
incorporation in a large program and at the same should be robust and efficient enough to

solve the problem in a reliable and efficient way [36].

Different types of numerical methods were developed to solve these complex
problems. Ordinary differential equations are mostly solved by the Runge-Kutta technique
or by Gear’s method [37]. Parabolic partial differential equations are often transformed to
ordinary differential equation by using the method of lines [38]. Collocation methods are

also widely used for solution of the packed bed reactor model [39].

2.3.1. Trickle Bed Reactors

Trickle bed reactors are one example of packed bed reactors that have liquid and gas
trickles over solid catalyst particles. They are commonly used in petroleum refineries and
petrochemical plants that have mass production. Generally they are 3-6 m in length and up
to 3 m in diameter. Commonly used processes are hydrocracking, hydrodesulphurization,
hydrotreating, and isomerization in refineries. There are several transport resistances in these

type of reactors. These resistances are shown in Figure 2.13 [40].
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Figure 2.13. Transport resistances in trickle bed reactor catalyst.

Transport steps can be summarized as follows [41]:

e Transport from the bulk gas phase to the gas-liquid interface

e Equilibrium at gas-liquid interface

e Transport from interface to bulk liquid

e Transport from bulk liquid to external catalyst surface

e Diffusion and reaction in the pellet

e Transport of products from bulk liquid to solid catalyst interface
e Transport from bulk liquid to interface

e Equilibrium at liquid - gas interface

e Transport from the gas-liquid interface to the bulk gas phase

2.3.2. Plug Flow Reactor Model

A mathematical model for an industrial trickle bed reactor is necessary for

understanding reactor behavior and for deciding on the operating conditions for optimum



25

production. An ideal reactor generally operates isothermally; however, since industrial
reactors operate non-isothermally, heat balance should also be considered while modelling

[42]. General heat and mass balances are obtained with the assumptions listed below:

e Reactor operates at steady state conditions,

e There is no catalyst deactivation,

e One dimensional model is valid (because there is generally no information available
to make a two dimensional model),

e Complete wetting of catalyst is assumed,

e Pressure is constant along the reactor.

When a trickle bed reactor is operated at high temperatures and pressures, the liquid
reactants vaporize and the two-phase behavior creates a complex reaction system. In order
to meet the requirements of the model, the volatility effect must also be taken into account.
A study made with first and second order power law and Langmuir-Hinshelwood Kinetics
shows that there is more than 30% difference between volatile and nonvolatile cases [43].
Reactions take place in the liquid phase thus concentrations of components are taken from

liquid phase. Detailed formulization of reactor model is given in Section 3.3.
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3. REACTOR MODELING

Mathematical model constructed for isomerization reactor is explained in detail in this
chapter. Matlab© ODE (Ordinary Differential Equation) solvers are used to solve heat and
mass balance equations used for this reactor system. Isomerization reactions that take place
on chlorinated Pt/Al>Os catalyst are examined and the parameters of reactions are calculated
in this work. Dimensions of reactors, inlet feed conditions (temperature, pressure,
composition) are taken from the process historian database, catalyst information is used from
UOP’s 1-8 catalyst MSDS and initial reaction parameters are taken from literature and Aspen
HYSYS ISOM reactor modules.

3.1. Thermodynamic Analysis

The objective of light naphtha isomerization unit all over the world is to increase the
research octane number (RON) of mixture of Cs/Ce paraffin. The octane numbers of
hydrocarbons given in Table 3.1 shows the effect of isomerization reactions on octane

number change [15].

Table 3.1. Light naphtha blending components octane numbers.

Component RON
i-pentane 93.5
n-pentane 61.7
2,2 dimethylbutane 94.0
2,3 dimethylbutane 105.0
2 methylpentane 74.4
3 methylpentane 75.5
n-hexane 31.0
Benzene 120.0
Cyclohexane 84.0
Methylcyclopentane 96.0
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Isomerization of straight lined hydrocarbons to their branched isomers is slightly
exothermic. Thermodynamic calculations show that the yield of branched alkanes is
thermodynamically favored at low temperatures. These calculations are done by ASPEN
HYSYSO© software using Soave-Redlich-Kwong (SRK) equation of state by Gibbs reactor.
The equilibrium compositions of C4, Cs, and Ces’s shown in Figure 3.1, Figure 3.2, and Figure

3.3 are in accordance with the results given in literature [31,44].

=== ej-hutane

e n-butane

0.6

§~~
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-
-
- - -
--~
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-
-
-
-
-
-
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0 50 100 150 200 250 300 350 400

Temperature [°C]

Figure 3.1. Thermodynamic equilibrium for butane and its isomers.

As seen from the Figure 3.1, isobutene composition is highly affected by temperature
and it is favored at low temperatures. However, n-butane is favored at higher temperatures.
Branched isomers have higher octane numbers, thus, low reaction temperature is desired for

reaction media.

Figure 3.2 shows that, production of branched hydrocarbons, isopentane and
neopentane, is favored at lower temperatures, whereas n-pentane formation is favored at high

temperatures.
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Figure 3.2. Thermodynamic equilibrium for pentane and its isomers.
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Figure 3.3. Thermodynamic equilibrium for hexane and its isomers.
The most temperature sensitive isomer is 2,2-dimethylbutane and it

is
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thermodynamically favored at low temperatures. However, 2,3-dimethylbutane is nearly
unchanged for the temperature range. In addition, n-hexane and the methyl pentanes are

favored at higher temperatures.
3.2. Vapor Liquid Equilibrium

Vapor-liquid equilibrium calculations are very important for processes including two

phases. A typical system which needs flash calculation is shown in Figure 3.4.

Figure 3.4. A general flash process.

Mass balance equations written for the system is done for every single component:

Fz, = Lx +Vy. (3.1)

The vapor and liquid is assumed to be in equilibrium, thus:

Y, =KX 3.2)

In addition to equations above, Equations 3.3 and 3.4 can be used for trial-error

calculation procedure and properties of liquid and vapor phase can be calculated.

>x =1 (3.3)

2y =1 (3.4)
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2(y;—%)=0 (3.5)

Studies done for this calculation techniques show that Equation 3.5 gives better
numeric results and when it is updated with Equations 3.3 and 3.4, Rachford-Rice flash

equation is obtained [45]:

GzZM:O (3.6)
L+ (K 1)

Rachford-Rice flash equation is solved by trial error according to V/F ratio. Cubic

iteration method named Householder’s method, shown below, is used for this solution [46].
VF, ., =VF, _s 1+2 (3.7)
G’ 2G’

G',and G' are first and second derivatives of G function given in Equation 3.6 with

respect to V/F ratio:

z, (K, -1)*
G =-Y '\5 Y 5 (3.8)

1+ — (K -1

(147 (k)

2z, (K, -1)’
G"'=Y \'/( Y 3 (3.9

1+ —(K -1

First estimation of K; is calculated by Wilson correlation [47]:

K, :%exp{5.37(1+a),)(1—%ﬂ (3.10)

In preceding iterations, thermodynamic equation of state is used to calculate K; values.
The feed for isomerization processes is classified as light naphtha. Thus, the most suitable
equation of state used for such mixtures is defined by Soave-Redlich-Kwong (SRK) [48]:
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RT a
P = _
V-b V(V+h)

(3.11)

By this equation, molar volume, molar density, compressibility factor, specific heat,
enthalpy and fugacity coefficient can be calculated by knowing the stream’s molar

component fraction, temperature and pressure.

When Equation 3.11 is rearranged with respect to compressibility factor, a 3™ order

equation can be obtained.

Z°+a,Z*+aZ+a,=0 (3.12)

With the solution of this equation, three roots are obtained. The maximum valued root
gives the compressibility factor of vapor phase, and the minimum valued root gives the liquid

phase compressibility factor. Temperature and pressure based parameters of this equation

are;

a,=(e+0-1)B-1 (3.13)

a,=A-(e¢+0)B-(e+0-¢0)B? (3.14)

a, =—AB—¢o(1+B)B? (3.15)

€ and ¢ are switching parameters and for SRK equation of state, their values are e = 0
ando = 1.

A and B are attraction and repulsive parameters respectively and they are

dimensionless;

a (3.16)

B=——1b 3.17
=T On (3.17)
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a =YxV, (3.18)
b, =2 xb (3.19)
¥ =2, (3.20)
a; = a5, (1_kii) (3.21)
T2
— 2 _ci
a = QR 3 (3.22)
T.
= R .
b =GR (3.23)

ci

For SRK equation of state, £, = 0.427480 and &, = 0.086640. Other parameters are:

o :[1+ m (1- T, )T (3.24)
m, =0.480+1.574e —0.176@* (3.25)

The interaction parameters k;; are generally assumed to be zero for easy calculation,
however, studies show that when H>-HC interaction parameters are estimated, better
physical property results are achieved [49]. According to the correlation given, interaction

parameters can be calculated as follows:

Ky, =S+R-BP (3.26)
$=0.3852-0.00241C, . . (3.27)

R =0.002245+1.96-10°C (3.28)

aromatics%

In isomerization system, the only aromatic component is benzene and its mass fraction
is used to calculate the interaction parameters. By these interaction parameters, the vapor
fraction and composition results became closer to ASPEN HYSYS results. By using
Equations 3.13 to 3.28, the coefficients of Equation 3.12 are obtained and the root of it gives

the molar volume. Compressibility factor then calculated as:
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Z_P><V

= 3.29
RxT ( )

As last step, fugacity coefficient is calculated by:

D_E P_1)_ p . A ﬁ_i Z" +¢B
In@i_B(Z 1)-In(z°-B) (—(E_G)BJPA B}ln(zme] (3.30)

P

P
P = P 3.32
A (RT) ¥, (3.32)

New K; values by liquid and vapor fugacity coefficient can be calculated as:

L
K, =2

o (3.33)

The solution procedure of flash calculation is shown in Figure 3.5 in detail. The results

of flash calculations are given in Figure 3.6.

The calculations defined above are done separately for 58 days. Figure 3.6 shows the
results of these 58 data inlet flash calculation. Black line is the result of ASPEN HYSYS
calculations. There are used to check the accuracy of calculation. Dotted line shows the first
completed flash procedure. The result are in agreement at most of the days but at some days,
the difference is very big that cannot be ignored. With these results, it is concluded that
modification is needed for better vapor fraction estimation. Equations 3.26 to 3.28 are
defined for interaction parameters of binary components. As the result, black dots are
acquired which has high accuracy with ASPEN HYSYS results.
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V, Ki %
: | Calculate Rachford Rice Equation and its derivatives J
Calculate new V/F by Householder's method (V) J

Calculate x's and y's J
Calculate fugacity coefficient by SRK EOS J
Calculate new K; values J

YES

STOP
o’

V, Xy

Figure 3.5. Flow chart of flash calculation procedure.
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3.3. Plug Flow Reactor Model

3.3.1. Mass Balance

System boundaries must be determined to be able to write mass balance or mole

balance on any system. A general mole balance is represented by the formula below:

'Rate of | [Rate of | [Rate of Rate of
flow of i flow of i eneration of i accumulation of
. 4| = (3.34)
into the out of the within the i within the
| system | | system | [system | | system |

The system is assumed to be at steady state, thus the accumulation term goes to zero.
As shown below, shell balance is written for a control volume whose thickness is equal to

Az and mole balance is accomplished. The schematic representation of shell balance is

shown in Figure 3.7.

Inlet Outlet
FO F
z Z+AZ
Figure 3.7. Control volume of a plug flow reactor system.
I:i\z |\Z+Az JA:IOblg Az = (335)
I:i\z o Fi\z+Az
— =G ARY (3.36)

AZ
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dF
d_z'= i,jA:pblgi,j (3.37)
For multiple reaction systems:
dF.
d_ZIZA;PbZri,j‘gi,j (3.38)

Reaction rate is defined as power law:

r,=k;-C*-C}, (3.39)

Reaction constant is defined with Arrhenius equation:

—-E. .
K, =k;-exp( R-f\ILJJ (3.40)

3.3.2. Energy Balance

The general energy balance for a system shown in Figure 3.7 can be written as follows:

[Rate of | _
Rate of
- ar -1 | energy
Rate of - 1
Rate of added energy Rate of
flow of work leaving
) d to the th . acc.
one e system
eat to - +| system |+ y =| of energy (3.41)
the system | | the by "
by mass within the
from system mass flow
flow system
surr. on surr. . out of the - -
- - L < linto the
system
system -

The system is assumed to be steady state, thus the accumulation term goes to zero.

Shell balance is written for a Az thickness control volume and energy balance is
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accomplished. After necessary steps, the final form of the energy balance for the packed bed

reactor shown in Figure 3.7 can be expressed as follows:

aT 2nAH,
@ ME o TEC
z vap pvap + lig pliq

(3.42)

3.3.3. Reactor Model

Trickle bed reactors are widely used in refinery and in petrochemical companies.
Refineries use this type or reactors for sulfur, nitrogen, oxygen and metal removal, olefins
and aromatic saturation, isomerization and cracking activities. These processes need high
temperature and pressure media and, under these conditions, hydrogen-hydrocarbon mixture
exists in vapor-liquid equilibrium. In this type of reactors, reaction only occurs in liquid

phase.

Isomerization reactors typically operate at 30-35 kg/cm? pressure and 130-180 °C
temperature range with vapor-liquid equilibrium conditions established. Literature survey
shows that modelling studies are generally done without vapor-liquid equilibrium
assumption. Thus, this area of study is open to development in isomerization reactor
modelling.

General assumption that are used to start reactor modelling can be classified as follows
[50]:

e System is at steady state (no catalyst deactivation),

e One-dimensional flow occurs (radial change is zero),
e Mass and heat transfer occurs by convection,

e Plug flow reactor,

e Adiabatic operation,

e Constant pressure,

e Complete catalyst wetting,

e Formalized mechanism of reaction scheme,
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e Reactions occur only in liquid phase,

e Reaction rates are described by empirical, power law type expressions.

With these assumptions, first of all, a reaction scheme is identified. The most complex
reaction scheme studied nowadays has 36 reactions identified [50]. By defining additional
cracking reactions, finally 48 reactions are acquired and these reactions are shown in Figure
3.8.

Isomerization reactions are equilibrium reactions and they are reversible. Thus, every
isomerization reaction is defined as two different irreversible reactions. 8 equilibrium

reactions are defined by 16 reactions, which are given in Table 3.2.

Table 3.2. Isomerization reactions defined for reactor model.

nC, —»iC, iC, »nC, nC, —iC, IC, =>nC,

nC, —»2MP 2MP —nC, nC, —3MP 3MP —nC;

23DMB — 2MP 2MP — 23DMB | 23DMB — 22DMB | 22DMB — 23DMB

MCP — CH CH - MCP 3MP — 2MP 2MP — 3MP

Benzene saturation and ring opening reactions are defined by 9 different reactions,

which are given in Table 3.3.

Table 3.3. Benzene saturation and ring opening reactions.

CP+H, —»nC, CP+H, —»iC, CH+H, -»nC

MCP +H, — 2MP MCP +H, —3MP MCP +H, —» 23DMB

MCP+H, —»22DMB BEN +3H, - MCP BEN +3H, - CH
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Apart from those given above, 23 reactions, given in Table 3.4, are used to describe

cracking:

Table 3.4. Cracking reactions defined for reactor model.

nC,+H, »C +C,

nC,+H, »2C,

iC,+H, »C, +C,

nC,+H, -»C, +nC,

nC,+H, »C, +C,

iIC,+H, »C +nC,

3MP+H, —C, +nC,

IC,+H, »C, +iC, iC,+H, »C,+C, nC,+H, -»C, +nC,
nC,+H, -»C,+nC, nC, +H, =»2C, 2MP+H, - C, +nC,
2MP+H, - C, +iC, 2MP+H, »C, +iC, 2MP+H, »2C,

3MP+H, —»C, +iC, 3MP+H, »C,+nC,

23DMB+H, - C, +iC,

23DMB+H, — 2C,

23DMB+H, —C, +iC,

22DMB+H, —C, +iC,

nC,+H, - C, +nC,

Totally with 48 reactions, the reaction scheme for isomerization reactor is completed.

After all of the reactor model equations are decided and completed, the codes are

written in Matlab© program. The sequence of codes are given in detail below.



BEN > MCP

3-MP
! ’ \ \
CH > N-Co > 2MP <«——» 2,3DMB <« > 2,2DMB

N-C;

Figure 3.8. Completed reaction scheme for isomerization reactions.
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3.3.3.1. Data Files. Before starting to write the codes, the data should be introduced to the

program. In this study, 5 different input data are formed and implemented into the codes.

Input Data: Input data file contains reactor inlet data from the process. These data are
reactor inlet temperature (°C), reactor inlet pressure (kg/cm?_g) and inlet composition
(tonmol/day). There are 35 components defined for isomerization unit feed in ASPEN
HYSYS, with inlet temperature and inlet pressure, the input data is formed. Thus for 58 days
of data, the input data is 37x58 matrix. Data are given in Table A.2.

Plant Data: Plant data file contains reactor data from the process. The data represent
temperatures taken from 5 different points along the reactor, reactor outlet temperature (°C),
reactor outlet pressure (kg/cm?_g), and outlet composition for 35 components (tonmol/day).
Thus for 58 days of data, the plant data is represented as a 42x58 matrix. Data are given in
Table A.3.

Thermochemical Data: This file contains the heat of formations, specific heat
constants, acentric factors, critical temperatures, critical pressures, boiling points and
molecular weights of the components involved in the reaction network which results in 10
specific properties. Thus for 35 components, 35x10 matrix is identified for thermochemical
properties. Data are given in Table A.4.

Coefficient Data: This file contains the stoichiometric coefficients of the reactions.
When a component is consumed in a reactor, its coefficient is negative, otherwise its
coefficient is positive. There are 35 components and 48 reactions defined in this study. Thus,
a 35x48 matrix is defined for reactions according to given reaction scheme. Data are given
in Table A.5.

Reaction Parameters: This file contains the activation energies and pre-exponential
factors of the reactions. As 48 reactions are identified for the reactor, a 48x2 matrix is defined
for these parameters. Data are given in Table A.6.

3.3.3.2. Model.M. All the necessary information for reactor model is defined in this file.
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Codes are written in a manner that they can be easily updated for a different reactor.

First of all reactor and catalyst properties are defined. These are catalyst bulk density,
length of reactor bed, diameter and cross sectional area of the reactor. All these data are set
as global parameters. Then thermochemical data, reaction coefficients, inlet data and plant
data given in data files are identified and imported to the main file. The flowchart is given

in Figure B.1.

3.3.3.3. Simulation.M. This file is written to be able to show the profiles of selected

properties along the reactor. It can show the temperature profile along the reactor for given
number of days or the outlet concentration comparison between model data and plant data.
Inlet and plant data are taken from main file and reaction parameters are taken from data
files. It sends the information to plant model file and takes the results from this file. Flow

chart is given in Figure B.2.

3.3.3.4. Plant Model.M. This file is written for calculating temperature and concentration

along the reactor. Inlet and parameters data are taken from simulation file, needed physical
properties to solve the ODE’s are taken from SRK file, explained in Section 3.3.3.5, and
flash file, explained in Section 3.3.3.6. Ordinary differential equations are solved by the
‘odel5s’ solver in MATLAB. Flow chart is given in Figure B.3.

3.3.3.5. Srk_Eo0s.M. This file is written for calculating the equation of state properties. Inlet

are taken from plant model and thermochemical properties are taken from data files. The

formulas given in Section 3.2, are calculated here. Flow chart is given in Figure B.4.

3.3.3.6. Flash.M. This file is written for calculating the equation of state properties. Inlet

data are taken from plant model file and thermochemical properties are taken from data files.
The Rachford-Rice equation, defined with Equation 3.6, is calculated here. Flow chart is

given in Figure B.5.
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3.3.3.7. Reactor Model.M. This file is written for solving the reactor model equations. It is

one of the main codes in this study because it includes the differential equations written for

heat and mass balance calculations. Differential equations are defined as:

ac, _

oA 3 stoich,,,,, - rate; ) (3.43)

dT _ A:'pb'z(ratej'Aernj)

Gl (3.49)
dz Z( I:qu ) Cpliq +2 I:vap : vaap )
P 5 (3.45)
dz

It takes the plant information from plant model file and calculates reaction rates and
heat of reaction, then calculates the differential equation values given in Equations 3.43 to
3.45. Flow chart is given in Figure B.6.

3.3.3.8. Rxn Rates.M. This file is written to be able to calculate reaction rates of 48

reactions. Rates are defined in terms of power law type expressions. For the j™ reaction, the

rate is written at given temperature T as follows:

Ea.
= kKo; -exp (_ R 'IJ' ]'Ciiorder (3.46)

This file takes the information from reactor model file and stoichiometric coefficient

file. Flow chart is given in Figure B.7.

3.3.3.9. Heat of Reaction.M. This file is written for computing the heat of reaction data. For

the j™ reaction, heat of reaction is calculated at given temperature T (converted to K):

AH

rxn j

.
=AH,,.°,+ [Cp;-dT (3.47)
TO

This file takes the information from reactor model file, stoichiometric coefficient and

thermochemical properties file data is also used. Flow chart is given in Figure B.8.
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3.3.4. Parameter Estimation

Parameter estimation is used to predict the model parameters — which are activation
energy and reaction constants for this study — by using the plant data. Under normal
conditions, up to three months of data can be used to estimate parameters, otherwise the
catalytic activity change must be integrated to the model. In this study, however, the catalyst

is nearly fully deactivated; thus 1-2 years data can be used to do parameter estimation.

At the first stage of data collection, the composition data are taken from weekly
laboratory reports, and flow rates are taken from PIBB (Process Monitoring Data Bank) files
between 2012 and 2014. 08:00-16:00 shift average data are used for flow rate data, because
laboratory samples are taken in this shift. For gross error detection and data validation, the
days that have incomplete laboratory data are discarded. After this filtering, the days that
have outlier temperature and flow rate data are discarded. Finally 58 days data are left to
start the parameter estimation and simulation studies for which nonlinear least squares

method is used:

F :ming(xp—Xm(g))TW(Xp—Xm(Q)) (3'48)

In Equation 3.48, Xp°‘s are process variables that are temperature and composition,
Xm'‘s are the calculated process variables by the reactor model, and W is the weighting
factor. Process variables that are used for parameter estimation are temperatures taken along
the reactor, outlet temperature, and compositions of products and of the unconverted normal
paraffins. Generally, the reaction rate definition decides the type of parameters. Since power
law reaction rate is used, the parameters to be estimated are activation energies and reaction
constants only. Weight factor is chosen according to statistical importance of measurements
[51].

Initial guess of parameters are given to the codes after checking the literature and the
ASPEN HYSYS Isom reactor parameters which are given in Table A.7. Optimization of
objective function is solved by ‘fminsearch’ algorithm in MATLAB and steady state reactor

model is used for solution of minimization problem. The objective function that must be
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minimized is given in Equation 3.48 and it is defined for temperature and composition as

follows:

F (Temp) = 0.15-(T, (1)=T, (1)) +0.05:(T, (2)-T,,(2)) +-.

0.00-(T, (3)~T,(3)) +0.10-(T, (4)-T, (4)) +. (3.49)
0.05-(T, (5)~T,,(5))" +0.15-(T, (out)—T, (out ))2

For w = 0.045 and at outlet conditions:

FCOM)_ (¢, (nc,)-C, (1C,)) +(C, (iC:)-C, (1C,)) + -
(c, (nC;)~C, (nC )) +(C,(22DMB)-C (22DMB))
(c,(23DMB)-C,, (23DMB))’ +(Cp(2MP)—Cm(2MP)) T (3.50)
(C, (3MP)—C,, (3WP)) +(C, (nC,)~C, (nC,)) +
(C, (MCP)-C, (MCP))" +(C, (cC,)-C, (cCy)) +
(c,(nC,)-C,(nC,))’
F= \/F (Temp)+ F (Comp) (3.51)

As stated by the process engineers of the plant, temperature estimation is enough to
predict the unit behavior because temperature data is collected at every second by
temperature indicators; however, composition data is collected once a week. In addition,
because of the time limitation at laboratory, every component is not measured; only the
important components are quantified. Thus, the weight of composition in objective function

is given by considering this situation.

3.3.4.1. Par Est.M. This file is written for executing parameter estimation for 96 parameters

by using ‘fminsearch’ algorithm in MATLAB. It saves the calculated parameters after
finishing the given number of iterations. Inlet and plant data are taken from main file and
reaction parameters are taken from data files. It sends the information to objective function

file and takes the results from this file. Flow chart is given in Figure B.9.
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3.3.4.2. Objective Function.M. This file is written for calculating the value of given

objective function. It gives the calculated objective function value to parameter estimation
file to solve minimization problem. Inlet and plant data are taken from parameter estimation
file and model output are taken from plant model file. Flow chart is given in Figure B.10.
Flowchart of complete reactor model and parameter estimation studies are given in Figure
B.11.

There are 48 reactions and 96 parameters defined in this study. Because of the high
number of reactions and parameters, computational time is also higher than a simple study.
Total computational time required for simulation of 58 days is about 1.5 minutes and for

parameter estimation, about 10000 iterations, required time is four months.
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4. RESULTS AND DISCUSSION

Isomerization reactions are modeled according to the procedure described in Section
3. After parameter estimation is completed, the effects of different process conditions on
hydrogen consumption, conversion of paraffins and production of isomers are investigated.
Totally, 24 cases are investigated for different inlet temperature, inlet pressure, and inlet
flow rate. Default case results are given in APPENDIX A, and studied parameters are given
in Table 4.1.

Table 4.1. Parameters studied in reactor model.

Reactor inlet temperature [°C] 100, 110, 120, 130, 140, 150, 160, 170, 180, 190, 200

Reactor inlet pressure [bar_g] 25, 30, 35, 40, 45, 50

Reactor inlet flow rate multiplier | 0.1, 0.5, 1.0, 2.0, 3.0, 4.0, 5.0

4.1. Simulation of the Isomerization Reactor

After parameter estimation studies are completed, reactor is simulated and an example
result for one of the 58 days is given in Figure 4.1. The black line represents the model result
and black dots represent the plant data. It can be clearly seen that temperature profile is

correctly estimated and predicted. Additional results are given in Appendix section.

The plant outlet temperature is given as 177.6 °C and model prediction is 177.1 that
corresponds to 0.3 % computational error which is in acceptable error range. For the whole
simulation, the highest outlet temperature estimate error is calculated as 5.2 % which is again

considered as acceptable. These results are shown in Figure 4.2.

The working reactors are nearly fully deactivated and major reaction occurring at the
reactor media is benzene reduction at the reactor inlet. Other reactions are not as effective as
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reduction reactions. Thus sharp temperature increase at reactor inlet can be explained by
sudden benzene reduction reaction. Small temperature rise along the reactor shows that other

reactions i.e, isomerization, occurs slower than reduction.
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Figure 4.1. Reactor simulation temperature profile for 57. Day.

As stated by the process engineers of the plant, temperature estimation is enough to
predict the unit behavior because temperature data is collected at every second by
temperature indicators. However, composition data is collected once a week. In addition,
because of the time limitation at laboratory, every component is not measured, only
important components are measured and there is also measurement errors that must be
considered. Thus, good temperature estimation is the best check point to see the unit

performance.

Outlet compositions of important components are also shown in this study in addition
to temperature. Despite measurement problems, most of the model data is in consistent with

plant data except some components.
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Figure 4.2. Comparison of outlet temperature or 58 days.

N-pentane outlet composition comparison for model and plant data is shown in Figure
4.3. Dotted data show the plant vs. model data and black line is y=x line. As seen from the
figure, data points lie on the y=x line with a maximum error of 20 %. In Figure 4.4, it is seen
that n-hexane outlet composition is not well estimated. Model estimates are higher than those
of the laboratory results. In Figure 4.5, iso-pentane outlet composition is better estimated
than n-hexane, and data as clustered around the y=x line. In Figure 4.6, 22DMB composition
is estimated like n-hexane. Model predictions are monotonically higher than plant data. In
Figure 4.7, 23DMB composition is estimated to be lower than the plant data. In Figure 4.8,
2MP composition is estimated like 22DMB, and model results are higher than plant data.
Additionally, benzene concentration is also estimated however, because the laboratory
measurement at reactor outlet does not contain benzene, all outlet composition data is zero
thus benzene composition could not be compared. Major reason for difference in plant and
model data comes from measurement errors. First of all, temperature profile given in Figure
4.1 shows that 4" temperature is lower than 3™ one. In real operation, it is an impossible
situation which that temperature must continuously increase along the reactor. This effect
can be eliminated by the weight constants of objective function. However for compositions,

it is not so easy to determine the weight constants because laboratory analysis is not enough



to be able to do perfect parameter estimation.
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Figure 4.4. Comparison of n-Hexane outlet compositions for 58 days.
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Figure 4.6. Comparison of 22DMB outlet compositions for 58 days.
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Figure 4.7. Comparison of 23DMB outlet compositions for 58 days.

28.00

26.00

24.00

22.00

20.00

18.00

16.00

14.00

12.00

12.00

® 2\VIP

14.00

16.00 18.00 20.00 22.00 24.00 26.00 28.00

Plant Data [molar composition %]
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4.2. Effect of Reactor Inlet Temperature

The effect of reactor inlet temperature is examined in reactor simulations. Different
temperatures are tested to see the effect of inlet temperature from 100 °C to 200 °C by
increasing 10 °C. With these simulations, the maximum hydrogen consumption is obtained
at 160 °C with flow rate of 36.3 kmol/h. When conversion of paraffins are analyzed,
maximum conversion of n-butane is reached at lower temperatures while those of n-pentane
is at 180 °C and of n-hexane is 160 °C with 2.46% and 18.2%, respectively. Maximum
production rate of high octane components is obtained at 160 °C for isopentane with 9.8
kmol/h and at 130 °C for 22DMB and 23DMB with 38.5 kmol/h and 6.7 kmol/h, respectively.
Methylcyclopentane and cyclohexane are also examined and it is observed that they are
produced at lower reactor inlet temperatures. At the lowest inlet temperature of 100 °C, the

production rates are found to be 142.2 kmol/h and 118.2 kmol/h respectively.

Hydrogen consumption is highly affected from temperature change as seen from
Figure 4.9. Increase in consumption means that the ring opening and cracking reactions are
becoming more dominant. The maximum consumption is reached at 160 °C and the profile

is in consistent with conversion of paraffins data given in Figure 4.10.

It is observed from Figure 4.10 that n-butane is not highly affected from inlet
temperature change until about 170°C. After this temperature, the conversion of n-butane
decreases suddenly. The profile continuously decreases, and, as a result, the maximum n-
butane conversion is reached at 100°C with 6.6 % conversion. N-pentane shows a slightly
different profile compared with n-butane: it increases until 180 °C, reaches its maximum at
2.5 kmol/h, and then starts to decrease, as stated in literature. N-hexane also shows similar
profile with n-pentane, but it is more sensitive to temperature change compared with n-
pentane. It reaches to its maximum conversion at 160 °C with 18.3% conversion and then
starts to decrease. Isomerization reactions are equilibrium reactions and they show maximum
activity in a middle temperature range. At very low and very high temperatures these reactant

conversions decrease. This study also shows similar results with the literature.
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Figure 4.11, Figure 4.12, and Figure 4.13 show the high octane component production
rates. Isopentane, 2,2-dimethylbutane, 2,3-dimethylbutane, methylcyclopentane and
cyclohexane have higher octane numbers compared with other paraffins and branched
components. As seen from figures, isopentane is very sensitive to reactor inlet temperature
and it shows an increasing trend until 160 °C and then decreases in accordance with

equilibrium reactions. Its maximum production rate is 9.8 kmol/h.
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Figure 4.11. Effect of reactor inlet temperature on isopentane production.

2,2-dimethylbutane is also sensitive to temperature changes. It shows the same trend
with isopentane and reaches its maximum at 130 °C with 38.5 kmol/h flow rate, which then
decreases. However, 2,3-dimethylbutane is not as sensitive to temperature changes as
isopentane and 2,2-dimethybutane, do. It is not affected until 180 °C, after which the flow

rate decreases slowly. Its maximum rate is calculated as 6.7 kmol/h at 130 °C.
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Figure 4.12. Effect of reactor inlet temperature on 22DMB and 23DMB production.

Methylcyclopentane and cyclohexane also shows similar results with 23DMB  as
shown in Figure 4.3. Their flow rate change slightly until 170 °C, and then starts to decrease
more rapidly. Their maximum flow rate is calculated at 100 °C as 142.2 kmol/h and 118.2

kmol/h respectively.

It can be clearly seen from results that 160 °C is optimum reactor inlet temperature for
maximization of high octane components with maximum hydrogen consumption, maximum
n-hexane, n-pentane and n-butane conversions. The production rate of isopentane is also

maximum at this temperature as well as 22DMB, 23DMB, MCP and cyclohexane.
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Figure 4.13. Effect of reactor inlet temperature on MCP and CYC-HEX production.

4.3. Effect of Reactor Inlet Pressure

The effect of reactor inlet pressure is examined in reactor simulations. Different
pressures are tested to see the effect of inlet pressure from 25 bar_g to 50 bar_g by with
increments of 5 bar. With these simulations, it is observed that hydrogen consumption is
linearly conversions are found to increase with pressure. When conversion of paraffins are
analyzed, maximum conversion of n-pentane is reached at a pressure of 30 bar_g with 2.4
%, while n-butane and n-hexane increasing with increasing pressure. Production rate of
isopentane increases with increasing pressure, but that of 22DMB is not affected from
pressure. 23DMB remains almost unaffected by pressure and stays at average value of 7.1
kmol/h. Methylcyclopentane and cyclohexane are also examined and it is observed that

while MCP rate is increasing, cyclohexane production rate is decreasing with pressure.

Hydrogen consumption is highly affected from pressure change as seen from Figure
4.14. Increase in consumption means ring opening and cracking reactions are increasing.

The maximum consumption is reached at maximum parameter study value of 50 bar_g with
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77.4 kmol/h.

It is observed from Figure 4.15 that n-butane conversion is affected from inlet pressure
change. With total 25 bar pressure increase, the n-butane conversion increases nearly 50%
and reaches to 6.6 %. N-pentane is inversely affected by pressure, and after 45 bar_g, it starts
to be produced instead of being consumed. Like n-butane, n-hexane conversion is affected
from the pressure change. It shows an increasing trend during pressure increase, and

conversion increases nearly by 50% and reaches to 23.8% conversion.

Figure 4.16, Figure 4.17, and Figure 4.18 show the production rates of high octane
components. Compared with other paraffins and branched components, isopentane, 2,2-
dimethylbutane, 2,3-dimethylbutane, methylcyclopentane and cyclohexane have higher
octane numbers. As seen from figures, isopentane is very sensitive to reactor inlet pressure

and it shows an increasing trend with maximum value of 16.8 kmol/h at 50 bar_g pressure.
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Figure 4.14. Effect of reactor inlet pressure on hydrogen consumption.
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2,2-dimethylbutane and 2,3-dimethylbutane are not as feed pressure sensitive as
isopentane. They show an increasing trend and increases by 25.9% and 62.0% from their
initial values respectively. Their maximum production rates are reached at 50 bar_g with
40.3 kmol/h and 8.5 kmol/h, respectively.
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Figure 4.17. Effect of reactor inlet pressure on 22DMB and 23DMB production.

Methylcyclopentane shows increasing trend as the other components: it increases by
16.4% with pressure range and reaches its maximum value of 139.0 kmol/h. However,
cyclohexane production decreases with increasing pressure. It decreases by 21.7% and

reaches its minimum with 80.5 kmol/h.

It can be clearly seen from results that pressure range of 30-35 bar_g pressure range is
the optimum range for maximization of high octane components with maximum hydrogen
consumption, maximum n-hexane, n-pentane and n-butane conversion. The production rate

of all components is at their optimum as well.
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Figure 4.18. Effect of reactor inlet pressure on MCP and CYC-HEX production.

4.4. Effect of Reactor Inlet Flow Rate

The effect of reactor inlet flow rate is also examined in reactor simulations. Different
flow rates are tested to see the effect of inlet flow with multiplying total flow rate of average
1501.5 kmol/h by 0.1, 0.5, 1.0, 2.0, 3.0, 4.0, and 5.0. With these simulations, it is observed
that hydrogen consumption is linearly increasing with increasing flow rate. When conversion
of paraffins are analyzed, n-butane is nearly not affected by increasing flow rate, while n-
pentane is affected a little bit more and reached to its maximum conversion at 3003.3 kmol/h
(total flow rate multiplied by 2.0) with 2.4%. N-hexane is highly affected and it reaches to
its maximum conversion at 750.8 kmol/h (total flow rate multiplied by 0.5) with 20.4%.

Production rate of i-pentane increases with increasing flow rate as the other components do.

Hydrogen consumption is highly affected from the change in inlet flow rate as seen
from Figure 4.19. Increase in consumption means ring opening and cracking reactions are
increasing. The maximum consumption of 155 kmol/h is reached at the highest inlet flow
rate studied (7508 kmol/h, i.e. total flow rate multiplied by 5.0).
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Figure 4.19. Effect of reactor inlet flow rate on hydrogen consumption.
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It is observed from Figure 4.20 that n-butane is not affected from the inlet flow rate
change. With totally 50 times increase in flow rate, the n-butane conversion decreases nearly
by 1.0% and reaches to 5.4%. N-pentane is affected by flow rate; it first increases until
3003.3 kmol/h and then starts to decrease. N-hexane is the most sensitive component to the
flow rate change. It shows a decreasing trend during flow rate increase and conversion

decreases nearly 63% and reaches 7.6% conversion finally.

Figure 4.21, Figure 4.22, and Figure 4.23 show the production rates of the high octane
components. Isopentane, 2,2-dimethylbutane, 2,3-dimethylbutane, methylcyclopentane and
cyclohexane have higher octane numbers compared with other paraffins and branched
components. As seen from figures, all the components are sensitive to reactor inlet flow rate
and they show increasing trends. I-pentane is very sensitive to reactor inlet flow rate and it

shows an increasing trend with maximum value of 28.1 kmol/h at 7508 kmol/h total feed.
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Figure 4.21. Effect of reactor inlet flow rate on isopentane production.

2,2-dimethylbutane and 2,3-dimethylbutane are also sensitive to flow rate. They show

an increasing trend and increase up to 191.4 kmol/h and 47.7 kmol/h, respectively. Note that
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these are the maximum production rates.
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Figure 4.22. Effect of reactor inlet flow rate on 22DMB and 23DMB production.

Similar to other components, methylcyclopentane and cyclohexane production rates
also show increasing trends. They reach their maximum values of with 654.2 kmol/h and

510.6 kmol/h, respectively, when the flow rate is at its highest value.

It can be clearly seen from results that flow rate range of 1.0 and 2.0 multiplier of the
total flow rate is optimum reactor inlet flow range for maximization of high octane
components with maximum hydrogen consumption, maximum n-hexane, n-pentane and n-
butane conversion. The production rate of all components are at their optimum values as

well. This shows that the reactors are able to support any capacity increase in the refinery.
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Figure 4.23. Effect of reactor inlet flow rate on MCP and CYC-HEX production.
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5. CONCLUSIONS AND RECOMMENDATIONS

5.1. Conclusions

The objectives of this study are to understand the effects of operating conditions on
an industrial isomerization reactor by the help of a parametric study and to understand the
ways of improving the reactor performance by differences in the temperature, pressure and

flow rate at the reactor inlet. The conclusions obtained by this study are summarized below.

Reactor inlet temperature has a significant impact on the hydrogen consumption,
conversion of n-paraffins and production of high octane components because of the
thermodynamic equilibrium limitation of the isomerization reactions. It is seen that 160 °C

is the optimum inlet temperature to obtain maximum octane number at reactor effluent.

Reactor inlet pressure has also significant effect on hydrogen consumption. It also
effects conversion of paraffins. However, after a certain value of pressure, conversion
decreases and reverses through the production. Production rate of i-pentane, 22DMB,
23DMB, MCP, and cyclohexane increases. It is concluded that 30-35 bar_g range is the

optimum reactor inlet pressure to get high octane number at effluent.

Total inlet flow rate is found to have a significant impact on the production rates,
reactant conversion, and hydrogen consumption. While hexane conversion is inversely
affected by flow rate, other paraffins directly affected from it. Production rates are found to
increase with the feed flow rate. However, high flow rates are not preferred because of the
capacity of reactor, and thus it is found that 1500-3000 kmol/h flow rate range is the optimum

to get high octane number at effluent.

5.2. Recommendations

The recommendations to develop this study and advices for future work are

summarized below.
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Isomerization processes have two reactors working in series thus modelling of second
reactor would give better results to see the complete unit performance. In addition, dynamic
reactor model can be studied to see the effect of advanced process control applications on

industrial reactors.

Besides thermodynamic and complex models, cognitive learning methods are at center
of interest nowadays. Models with less than 1% error can be obtained with these studies by
just using the process data. Some of these methods are artificial neural network and fuzzy

logic models.

Computational fluid dynamics (CFD) applications are also in area of interest at
reactor engineering. 2-dimensional or 3-dimensional reactor behavior can be investigated by
CFD studies.
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APPENDIX A. DETAILED SIMULATION RESULTS

Table A.1. Flash calculation results comparison with ASPEN HYSYS results.

Day Hysys vapor Without interaction With interaction
Number fraction parameters parameters
1 0.1763 0.1624 0.1749
2 0.2388 0.2240 0.2375
3 0.2488 0.2344 0.2478
4 0.2320 0.2170 0.2304
5 0.1977 0.1835 0.1963
6 0.1538 0.1388 0.1526
7 0.2861 0.2694 0.2847
8 0.2793 0.2631 0.2781
9 0.2354 0.2197 0.2341
10 0.2674 0.2511 0.2663
11 0.2250 0.2087 0.2234
12 0.2379 0.2205 0.2357
13 0.2336 0.2174 0.2321
14 0.2625 0.2442 0.2605
15 0.2435 0.2261 0.2414
16 0.2573 0.2396 0.2553
17 0.2251 0.2088 0.2235
18 0.1588 0.3128 0.1567
19 0.1374 0.2749 0.1375
20 0.1701 0.2576 0.1699
21 0.1346 0.3038 0.1348
22 0.1500 0.1429 0.1504
23 0.1513 0.1260 0.1520
24 0.1594 0.1588 0.1599
25 0.1950 0.1235 0.1951
26 0.1788 0.1393 0.1788
27 0.1695 0.1412 0.1699




Table A.1. Flash calculation results comparison with ASPEN HYSYS results (cont.).
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28 0.1604 0.1491 0.1607
29 0.1676 0.1846 0.1678
30 0.1515 0.1675 0.1515
31 0.1715 0.1587 0.1712
32 0.1747 0.1494 0.1749
33 0.1911 0.1566 0.1919
34 0.1850 0.1401 0.1850
35 0.1629 0.1598 0.1634
36 0.1196 0.1638 0.1201
37 0.1912 0.1815 0.1912
38 0.1806 0.1739 0.1811
39 0.1389 0.1524 0.1398
40 0.1820 0.1087 0.1818
41 0.2135 0.1801 0.2141
42 0.1933 0.1702 0.1933
43 0.1114 0.1285 0.1108
44 0.1084 0.1703 0.1083
45 0.2117 0.2032 0.2120
46 0.2220 0.1820 0.2220
47 0.1970 0.0987 0.1973
48 0.2138 0.0961 0.2140
49 0.1907 0.2009 0.1904
50 0.1832 0.2104 0.1841
51 0.2438 0.1857 0.2439
52 0.1815 0.2025 0.1815
53 0.2143 0.1787 0.2136
54 0.2187 0.1735 0.2186
55 0.1898 0.2329 0.1897
56 0.1868 0.1700 0.1866
57 0.2034 0.2018 0.2029
58 0.2021 0.2071 0.2024




Table A.2. Reactor inlet data for 58 days*.

No of Day 1 2 3 4 5 6 7 8 9 10 11 12
9600TIC006 | 173.23 | 173.16 | 173.13 | 173.14 | 173.18 | 178.28 | 178.33 | 178.26 | 178.26 | 178.24 | 178.18 | 178.26

9600P1056 33.46 33.54 33.44 33.40 33.60 33.53 33.62 33.54 33.53 33.53 33.53 33.67
H2 2.25 3.54 4.19 3.80 3.39 2.76 4.48 4.36 3.82 4.44 3.07 3.09
CHa 0.11 0.08 0.11 0.11 0.10 0.00 0.00 0.12 0.11 0.00 0.08 0.10
C2oHs 0.12 0.10 0.12 0.14 0.13 0.00 0.17 0.14 0.15 0.14 0.09 0.12
CsHs 0.07 0.07 0.08 0.08 0.09 0.08 0.14 0.08 0.08 0.09 0.07 0.07
CsH1o 0.09 0.16 0.10 0.17 0.21 0.12 0.27 0.17 0.09 0.12 0.07 0.06
CsH1o 1.14 1.44 1.20 1.87 1.96 1.37 1.38 1.34 1.23 1.27 1.00 1.24
CsHi2 2.67 3.50 3.34 3.26 3.31 3.17 3.40 3.16 3.25 3.41 3.04 3.05
CsHi2 3.14 3.67 4.06 4.13 3.81 4.08 3.44 3.75 4.12 3.89 3.55 3.83
CsHio 0.25 0.33 0.28 0.00 0.28 0.25 0.00 0.00 0.00 0.00 0.00 0.00
CeHi4 0.13 0.16 0.15 0.23 0.23 0.11 0.13 0.17 0.13 0.12 0.09 0.05
CeHi4 0.98 0.89 1.11 1.40 1.22 1.01 1.33 1.39 1.54 1.44 1.40 1.35
CeHi4 4.09 4.08 4.85 5.13 5.15 4.53 5.13 5.00 5.71 5.30 5.13 5.11
CeHi4 2.75 2.84 3.49 3.67 3.60 3.44 3.62 3.58 3.88 3.83 3.41 3.46
CeHi4 3.23 3.49 4.53 4.74 4.52 4.95 4.38 4.57 4.83 4.68 3.95 4.09
MCP 1.82 2.48 2.36 2.06 2.89 2.68 2.38 2.60 2.21 2.50 1.68 1.42
CsHs 0.00 0.21 0.42 0.39 0.00 0.31 0.37 0.32 0.38 0.30 0.35 0.32
CH 0.00 1.35 1.25 1.11 0.02 1.44 1.09 1.45 1.16 1.42 0.77 0.73
C7H1s 1.55 1.69 1.67 1.39 2.31 1.85 2.37 1.98 1.70 2.04 1.18 0.97




Table A.2. Reactor inlet data for 58 days* (cont.).

No of Day 13 14 15 16 17 18 19 20 21 22 23 24
9600TIC006 | 178.20 | 178.21 | 178.21 | 178.25 | 17/8.35 | 178.24 | 152.77 | 152.77 | 152.76 | 152.71 | 152.77 | 152.86

9600P1056 33.78 33.56 33.68 33.70 33.67 33.60 33.53 33.46 33.54 33.46 33.44 33.40
Ha 2.80 2.84 3.35 3.56 2.84 2.07 3.33 4.08 3.40 3.81 3.90 411
CHa 0.09 0.07 0.08 0.08 0.06 0.08 0.08 0.11 0.09 0.11 0.11 0.14
C2oHs 0.11 0.10 0.11 0.10 0.08 0.11 0.09 0.11 0.10 0.12 0.13 0.15
CsHs 0.07 0.07 0.07 0.06 0.05 0.06 0.06 0.03 0.07 0.07 0.08 0.08
CsH1o 0.06 0.03 0.07 0.10 0.11 0.04 0.10 0.12 0.27 0.13 0.10 0.22
CsH1o 0.83 0.69 1.38 1.37 1.09 0.95 1.66 2.14 1.95 1.40 0.83 1.68
CsHi2 2.45 2.49 3.06 3.04 2.78 2.95 3.67 411 3.31 3.40 3.49 3.08
CsHi2 3.13 4.03 3.86 3.79 3.04 3.86 4.54 4.48 3.94 4.07 4.17 3.84
CsHio 0.00 0.00 0.00 0.00 0.00 0.01 0.00 0.00 0.00 0.00 0.00 0.27
CeHi4 0.11 0.03 0.09 0.09 0.07 0.05 0.12 0.09 0.09 0.17 0.12 1.19
CeH14 1.28 1.16 1.44 1.47 1.09 1.19 1.50 1.54 1.63 1.57 1.31 1.19
CeHi4 4.63 4.40 5.30 5.46 4.46 4.69 5.57 5.80 5.93 5.92 4.98 5.39
CeHi4 3.06 2.86 3.53 3.53 3.29 3.27 3.63 3.85 3.88 3.94 3.60 3.81
CeHuia 3.70 3.70 4.27 4.23 3.88 4.30 4.25 4.38 4.39 481 4.99 4.61
MCP 1.31 0.96 1.70 1.69 1.54 1.32 1.91 2.04 2.16 2.07 3.03 2.66
CsHs 0.27 0.18 0.45 0.45 0.25 0.32 0.34 0.29 0.40 0.42 0.48 0.49
CH 0.58 0.28 0.88 0.93 0.90 0.45 0.97 0.93 1.17 1.15 1.72 1.43
C7H1s 0.99 0.84 0.95 0.97 1.11 0.40 0.62 0.73 0.76 0.90 0.94 1.31




Table A.2. Reactor inlet data for 58 days™* (cont.).

No of Day 25 26 27 28 29 30 31 32 33 34 35 36
9600TIC006 | 152.86 | 157.87 | 157.87 | 157.76 | 157.88 | 157.80 | 157.91 | 157.90 | 157.88 | 157.90 | 157.89 | 158.03

9600P1056 33.60 33.53 33.62 33.54 33.53 33.53 33.53 33.67 33.78 33.56 33.68 33.70
Ha 491 4.27 4.23 4.02 4.15 3.73 4.07 431 4.96 4.45 4.20 3.21
CHa 0.15 0.12 0.12 0.12 0.11 0.12 0.12 0.11 0.13 0.13 0.13 0.16
C2oHs 0.17 0.14 0.14 0.16 0.15 0.14 0.16 0.14 0.13 0.15 0.16 0.19
CsHs 0.11 0.09 0.09 0.11 0.11 0.10 0.11 0.09 0.08 0.09 0.10 0.12
CsH1o 0.21 0.17 0.12 0.09 0.13 0.15 0.12 0.14 0.13 0.13 0.07 0.10
CsH1o 1.96 1.79 1.26 1.16 1.46 1.94 1.76 1.63 1.47 1.57 0.85 1.02
CsHi2 3.49 3.20 3.43 3.31 3.16 3.16 3.54 3.15 3.32 3.92 3.26 3.61
CsHi2 4.62 4.50 4.15 4.60 431 4.05 5.24 3.94 3.23 4.36 3.91 4.63
CsHio 0.00 0.00 0.34 0.00 0.00 0.00 0.00 0.00 0.29 0.00 0.00 0.00
CeHi4 0.09 0.27 0.35 0.12 0.16 0.19 0.11 0.21 0.07 0.19 0.18 0.12
CeH14 1.51 1.75 1.34 1.70 1.74 1.68 1.58 1.59 0.66 1.58 1.62 1.49
CeHi4 5.61 6.35 5.77 6.31 6.34 6.36 5.93 5.84 3.54 5.83 6.12 5.58
CeHi4 3.87 4.16 3.92 4.28 4.19 4.32 4.06 4.08 2.85 4.03 4.21 3.92
CeHuia 4.65 5.18 4.92 5.24 5.05 5.28 5.22 5.06 412 4.56 4.98 4.73
MCP 2.57 1.89 2.99 2.12 2.02 1.98 1.89 2.70 5.58 2.29 2.54 2.42
CsHs 0.35 0.34 0.22 0.43 0.41 0.37 0.30 0.40 0.39 0.31 0.40 0.45
CH 1.19 1.02 1.70 1.02 1.10 1.04 0.87 1.45 3.20 0.99 1.23 2.42
C7H1s 1.61 0.86 1.03 1.04 1.32 0.87 0.97 1.21 2.83 1.75 1.80 1.17




Table A.2. Reactor inlet data for 58 days* (cont.).

No of Day 37 38 39 40 41 42 43 44 45 46 47 48
9600TIC006 | 157.89 | 158.05 | 157.93 | 162.46 | 163.04 | 163.02 | 162.99 | 162.87 | 162.98 | 163.02 | 163.02 | 162.98

9600P1056 33.67 33.31 33.61 33.71 33.75 33.63 33.63 33.78 33.80 33.74 33.64 33.81
Ha 4.60 3.93 3.84 4.22 5.16 441 2.79 2.90 4.92 5.02 4.60 5.20
CHa 0.14 0.12 0.10 0.13 0.14 0.15 0.09 0.09 0.17 0.15 0.11 0.15
C2oHs 0.16 0.12 0.11 0.15 0.15 0.17 0.11 0.11 0.20 0.18 0.14 0.18
CsHs 0.10 0.07 0.08 0.09 0.09 0.10 0.07 0.08 0.11 0.12 0.08 0.10
CsH1o 0.08 0.09 0.05 0.10 0.10 0.09 0.18 0.07 0.07 0.04 0.05 0.06
CsH1o 1.44 0.90 0.55 1.22 0.93 1.39 2.10 1.10 1.09 0.96 0.66 0.92
CsHi2 3.92 3.08 2.90 4.08 3.18 3.06 3.71 3.57 2.98 3.92 3.66 3.71
CsHi2 4.57 3.11 3.32 4.24 3.83 4.03 4.59 5.15 3.96 4.44 4.19 4.21
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CeHi4 0.13 0.11 0.20 0.20 0.09 0.09 0.08 0.18 0.12 0.11 0.08 0.14
CeHi4 1.56 1.38 1.51 1.68 1.15 1.64 1.53 1.64 1.55 1.72 1.69 1.90
CeH14 5.84 5.21 5.86 6.28 4.44 6.30 5.93 6.15 5.80 6.34 6.49 7.08
CeHi4 4.10 3.64 4.39 4.23 3.43 4.33 4.23 4.24 4.19 4.18 4.39 4.86
CeHuia 4.72 4.04 5.39 451 4.90 5.16 4.93 5.23 5.23 4.56 5.02 5.48
MCP 2.64 2.55 2.86 2.28 4.32 2.24 2.10 1.71 2.83 2.32 2.17 2.08
CsHs 0.47 0.32 0.20 0.39 0.42 0.38 0.31 0.41 0.46 0.37 0.40 0.40
CH 1.08 1.35 1.43 1.00 2.33 1.09 0.81 0.77 1.42 0.99 1.05 1.05
C7H1s 1.14 1.48 2.31 1.53 2.44 1.58 1.23 1.51 1.74 1.63 1.40 1.26




Table A.2. Reactor inlet data for 58 days* (cont.).

No of Day 49 50 51 52 53 54 55 56 57 58
9600TI1C006 162.99 154.77 162.95 162.93 162.98 162.98 162.98 162.81 163.00 162.98
9600P1056 33.70 33.78 33.30 33.38 33.28 33.21 33.51 33.41 33.39 32.83
Ha 4.28 4.98 4.49 3.56 3.76 4.02 4.30 4.19 4.37 4.57
CHs 0.14 0.14 0.15 0.09 0.09 0.09 0.11 0.10 0.12 0.12
C2Hs 0.18 0.15 0.16 0.13 0.08 0.11 0.13 0.13 0.15 0.13
CsHs 0.11 0.11 0.08 0.08 0.04 0.07 0.09 0.09 0.09 0.08
C4Hao (is0) 0.08 0.02 0.06 0.05 0.21 0.06 0.06 0.08 0.15 0.05
CsH1o 1.26 0.48 0.74 1.03 1.90 1.04 0.92 1.24 2.08 0.79
CsHa2 (iso) 4.08 3.42 3.01 3.01 3.20 3.22 4.38 4.36 4.01 3.87
CsH12 4.56 3.53 3.05 3.64 3.54 3.32 4.60 4.65 4.38 4.25
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.36 0.00
CeHaa4 (is0) 0.11 0.14 0.07 0.10 0.05 0.07 0.12 0.08 0.07 0.08
CeHaa4 (is0) 1.68 1.62 1.33 1.48 1.19 1.28 1.46 1.42 1.02 1.39
CeHaa4 (is0) 6.29 6.23 5.13 5.48 4.67 5.05 5.72 5.44 4.82 5.39
CeHaa4 (is0) 4.23 4.43 3.51 3.68 3.30 3.51 4.18 4.02 3.63 4.08
CeH14 (is0) 4.71 5.12 3.87 4.29 3.81 3.83 4.90 4.72 4.54 5.06
MCP 2.01 2.72 1.96 2.07 2.32 2.29 2.50 3.02 3.52 3.21
CeHs 0.43 0.39 0.32 0.20 0.36 0.24 0.37 0.35 0.49 0.00
CH 0.98 1.45 0.89 1.09 1.30 1.21 1.16 1.30 1.74 1.56
C7H1s 1.29 1.84 1.68 0.85 0.70 0.99 1.14 1.00 1.16 1.54




Table A.3. Plant data for reactor and reactor outlet for 58 days*.

No of Days 1 2 3 4 5 6 7 8 9 10 11 12
9600TI013 | 184.06 | 186.17 | 187.06 | 186.31 | 182.45 | 189.55 | 192.36 | 189.71 | 191.31 | 189.12 | 191.36 | 189.56
9600T1014 | 184.37 | 186.43 | 187.14 | 186.34 | 18254 | 189.70 | 192.69 | 189.85 | 191.44 | 189.27 | 191.70 | 189.74
9600TI015 | 185.49 | 187.56 | 187.92 | 186.97 | 182.85 | 190.22 | 193.50 | 190.37 | 192.09 | 189.70 | 192.67 | 190.36
9600TI016 | 184.35 | 186.86 | 187.33 | 186.51 | 182.67 | 189.93 | 193.01 | 190.07 | 191.75 | 189.45 | 192.10 | 189.96
9600TI017 | 185.28 | 187.76 | 188.15 | 187.22 | 183.42 | 190.66 | 193.68 | 190.68 | 192.26 | 189.99 | 192.59 | 190.47
9600TI018 | 186.23 | 188.73 | 189.02 | 187.96 | 184.46 | 19150 | 19452 | 191.44 | 192,99 | 190.76 | 193.64 | 191.51
9600P1058 | 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.19
H. 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH4 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CaHe 0.00 0.00 0.00 0.00 0.00 0.00 0.01 0.00 0.00 0.00 0.00 0.00
CsHs 0.14 0.02 0.14 0.10 0.15 0.14 0.07 0.10 0.16 0.28 0.11 0.10
C4Huo (is0) 0.30 0.12 0.30 0.29 0.39 0.34 0.29 0.33 0.33 0.46 0.34 0.22
CaH1o 0.80 0.54 1.19 1.28 1.63 1.42 0.87 1.12 1.06 1.18 1.18 1.10
CsH12 (iso) 3.17 3.09 3.72 3.69 3.75 3.56 3.28 3.48 3.77 3.86 3.52 3.55
CsH1o 2.51 2.73 3.35 3.38 3.45 3.28 2.75 3.07 3.36 3.33 3.05 3.14
CsH1o 0.23 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CeH14 (iS0) 0.50 0.53 0.54 0.64 0.73 0.63 0.53 0.59 0.66 0.66 0.64 0.62
CeH14 (is0) 1.08 1.43 1.49 1.59 1.79 1.61 1.62 1.62 1.77 1.74 1.57 1.60
CeH14 (is0) 3.93 4.57 4.80 5.19 5.80 5.22 5.37 5.23 5.80 571 5.02 5.16
CeH14 (is0) 2.50 2.96 3.11 3.35 3.70 3.36 3.44 3.35 3.70 3.65 3.17 3.25
CeH14 (is0) 2.72 3.43 3.82 4.01 4.18 4.06 3.98 3.94 4.27 4.21 3.50 3.51
MCP 2.08 2.62 2.63 2.39 2.15 2.30 2.54 2.64 2.19 2.21 1.55 1.42
CeHe 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH 0.00 1.76 1.74 1.60 0.00 1.50 1.57 1.68 1.39 141 1.01 0.94
C7H1s6 1.97 2.01 2.12 2.00 1.98 2.00 2.88 2.43 1.97 1.99 1.28 1.20




Table A.3. Plant data for reactor and reactor outlet for 58 days* (cont.).

No of Days 13 14 15 16 17 18 19 20 21 22 23 24
9600T1013 | 186.88 | 188.28 | 192.48 | 192.57 | 190.30 | 189.12 | 163.21 | 165.10 | 162.82 | 167.10 | 167.19 | 168.17
9600T1014 | 187.33 | 188.68 | 192.63 | 192.73 | 190.50 | 189.41 | 163.67 | 165.95 | 163.42 | 167.80 | 167.87 | 169.63
9600T1015 | 188.23 | 189.68 | 193.60 | 193.66 | 191.43 | 190.25 | 163.95 | 166.22 | 163.72 | 168.24 | 168.43 | 170.12
9600T1016 | 187.69 | 189.05 | 193.00 | 193.06 | 190.92 | 189.73 | 163.65 | 165.85 | 163.42 | 167.76 | 167.97 | 169.62
9600T1017 | 188.25 | 189.62 | 193.38 | 193.40 | 191.29 | 190.28 | 164.11 | 166.36 | 163.92 | 168.25 | 168.50 | 170.11
960071018 | 189.55 | 191.37 | 19412 | 194.16 | 192.26 | 191.31 | 165.28 | 167.40 | 164.77 | 169.21 | 169.36 | 170.87
9600P1058 | 33.19 33.19 33.19 33.19 33.19 33.19 33.19 33.12 33.19 33.12 33.12 33.08
Ha 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CHy 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
C2oHs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.09 0.00 0.00 0.00 0.07
CsHs 0.09 0.15 0.08 0.12 0.08 0.06 0.11 0.18 0.11 0.16 0.09 0.11
C4Hao (is0) 0.22 0.24 0.23 0.32 0.26 0.16 0.19 0.29 0.33 0.28 0.17 0.32
CsH1o 0.77 0.55 1.23 1.27 0.99 0.78 1.33 1.80 1.80 1.79 0.88 1.73
CsHaz (iso) 2.88 3.04 3.56 3.51 3.08 3.28 3.99 4.32 3.79 4.15 3.80 3.52
CsH12 2.57 3.08 3.17 3.06 2.55 3.15 4.05 3.98 3.55 4.02 3.65 3.58
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 2.54 0.00 2.51 0.00 0.00
CeHa4 (is0) 0.61 0.63 0.62 0.63 0.57 0.60 0.59 0.58 0.57 0.59 0.55 0.49
CeHaa4 (is0) 1.45 1.37 1.71 1.73 1.43 1.47 1.68 0.00 1.80 0.00 1.62 1.70
CeHaa4 (is0) 4.63 4.45 5.33 5.38 4.69 4.88 5.68 5.80 5.95 5.78 5.45 5.79
CeHaa4 (is0) 2.91 2.79 3.34 3.37 2.96 3.12 3.61 3.69 3.76 3.65 3.57 3.81
CeH14 (is0) 3.16 3.13 3.64 3.59 3.25 4.01 3.98 3.96 3.99 4.09 4.36 4.38
MCP 1.26 0.90 1.74 1.79 1.57 1.29 1.92 1.97 2.09 1.92 2.79 2.75
CeHs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH 0.78 0.47 1.13 1.17 1.05 0.80 1.25 1.26 1.55 1.28 2.09 2.02
C7His 1.21 1.00 1.28 1.34 1.25 0.28 0.59 0.69 0.78 0.74 0.94 1.24




Table A.3. Plant data for reactor and reactor outlet for 58 days* (cont.).

No of Days 25 26 27 28 29 30 31 32 33 34 35 36
9600T1013 | 165.26 | 171.65 | 169.62 | 171.14 | 172,13 | 169.41 | 171.19 | 17157 | 170.10 | 172.46 | 172.00 | 172.62
960071014 | 166.64 | 172.42 | 17/0.16 | 172.09 | 172.85 | 170.09 | 171.85 | 17222 | 171.16 | 173.54 | 172.64 | 173.60
9600T1015 | 167.05 | 172.75 | 17044 | 17253 | 173.20 | 17044 | 172.12 | 17258 | 171.73 | 174.01 | 17299 | 174.01
9600T1016 | 166.58 | 172.34 | 170.07 | 172.26 | 172.77 | 170.25 | 171.74 | 172.09 | 171.22 | 173.56 | 172.47 | 173.33
9600T1017 | 167.13 | 172,92 | 170.71 | 172.92 | 173.30 | 170.87 | 17227 | 172.71 | 171.96 | 174.15 | 173.06 | 173.86
960071018 | 167.98 | 173.81 | 17145 | 173.94 | 174.20 | 171.76 | 173.19 | 173.38 | 172.46 | 174.83 | 173.68 | 174.35
9600P1058 | 33.21 33.16 33.22 33.18 33.16 33.19 33.18 33.26 33.32 33.18 33.28 33.28
H2 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH, 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
C2oHs 0.00 0.00 0.00 0.00 0.00 0.06 0.20 0.00 0.00 0.00 0.00 0.00
CsHs 0.22 0.07 0.09 0.09 0.07 0.11 0.27 0.20 0.09 0.20 0.20 0.21
C4Hao (is0) 0.39 0.19 0.19 0.18 0.18 0.23 0.29 0.28 0.22 0.28 0.31 0.23
CsH1o 1.93 1.02 1.21 1.05 1.15 1.73 1.69 1.33 1.20 1.39 1.05 1.01
CsHa (iso) 3.91 3.38 3.51 3.66 3.30 3.54 4.08 3.63 3.35 4.17 3.69 4.21
CsH12 4.09 3.68 3.64 3.89 3.61 3.57 4.52 3.88 2.92 3.86 3.35 4.34
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CsHaa4 (is0) 0.47 0.64 0.56 0.62 0.64 0.69 0.59 0.64 0.25 0.56 0.57 0.51
CsHaa4 (is0) 1.70 1.96 1.85 1.94 1.97 1.89 1.77 1.88 1.13 1.76 1.76 1.77
CsHaa4 (is0) 5.70 6.53 6.07 6.52 6.58 6.53 6.03 6.39 3.91 5.96 5.96 6.03
CeHaa4 (is0) 3.71 4.14 3.92 4.18 4.18 4.19 3.88 4.12 2.69 3.85 3.88 3.92
CsHaa4 (is0) 4.22 4.65 4.51 4.72 4.69 4.74 4.56 4.81 3.78 4.15 4.34 4.50
MCP 2.61 2.22 2.91 2.13 2.11 1.98 1.86 1.99 5.58 2.26 2.70 2.51
CeHs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH 1.63 1.62 2.05 1.52 1.55 1.42 1.17 1.45 3.77 1.34 1.86 1.47
C7H1s 1.53 1.22 1.12 1.10 1.41 0.90 1.11 1.08 2.88 1.94 1.92 1.27




Table A.3. Plant data for reactor and reactor outlet for 58 days* (cont.).

No of Days 37 38 39 40 41 42 43 44 45 46 47 48
9600T1013 | 172.69 | 17091 | 171.05 | 17537 | 178.15 | 17/8.46 | 176.07 | 17455 | 179.52 | 176.93 | 177.13 | 176.72
960071014 | 173.92 | 171.67 | 17225 | 17598 | 179.15 | 179.12 | 176.39 | 17496 | 180.38 | 177.75 | 177.78 | 177.61
9600T1015 | 174.39 | 172.34 | 172,69 | 176.31 | 179.75 | 179.62 | 176.70 | 17531 | 181.24 | 178.31 | 178.27 | 177.95
960071016 | 173.90 | 171.84 | 172.24 | 17581 | 179.15 | 179.10 | 176.39 | 174.98 | 180.41 | 177.76 | 177.80 | 177.60
9600TI1017 | 174.46 | 17249 | 17290 | 176.34 | 179.81 | 179.59 | 176.86 | 175.52 | 180.89 | 178.24 | 178.22 | 178.03
960071018 | 175.04 | 173.25 | 173.68 | 176.77 | 180.50 | 180.14 | 177.53 | 176.55 | 181.60 | 178.93 | 178.94 | 178.65
9600P1058 | 33.27 33.03 33.22 33.28 33.28 33.23 33.25 33.34 33.34 33.31 33.26 33.38
H2 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH, 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
C2oHs 0.00 0.00 0.00 0.00 0.21 0.00 0.00 0.00 0.08 0.00 0.00 0.00
CsHs 0.10 0.11 0.11 0.14 0.24 0.30 0.34 0.27 0.14 0.18 0.15 0.00
C4Hao (is0) 0.17 0.19 0.16 0.27 0.31 0.34 0.44 0.31 0.21 0.23 0.25 0.10
CsH1o 1.03 0.83 0.92 1.18 1.23 1.77 1.91 1.03 0.98 0.72 0.79 0.65
CsHa (iso) 3.79 3.27 3.62 4.39 3.93 3.95 3.92 3.93 3.30 3.63 3.53 3.74
CsH12 3.70 2.81 3.32 3.83 3.97 4.05 4.19 4.27 3.50 3.48 3.41 3.75
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.91
CsHaa4 (is0) 0.51 0.42 0.56 0.60 0.34 0.49 0.55 0.63 0.50 0.54 0.53 0.00
CsHaa4 (is0) 1.87 1.57 1.69 1.86 1.37 1.75 1.79 1.89 1.83 1.96 1.90 2.10
CsHaa4 (is0) 6.42 5.38 5.91 6.36 4.70 5.98 6.12 6.42 6.14 6.55 6.50 7.27
CeHaa4 (is0) 4.17 3.49 4.00 4.06 3.12 3.84 3.94 4.12 3.97 4.14 4.16 4.72
CsHaa4 (is0) 4.71 3.75 4.70 4.18 4.25 4.39 4.38 4.70 4.72 4.44 4.58 5.20
MCP 2.38 2.47 2.63 2.27 4.22 242 2.11 1.85 2.77 2.37 2.33 2.21
CeHs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH 1.42 1.69 1.68 1.34 2.39 1.39 1.23 1.13 1.86 1.60 1.57 1.54
C7H1s 1.35 1.48 2.17 1.53 2.08 1.44 1.13 1.44 1.77 1.84 1.70 1.21




Table A.3. Plant data for reactor and reactor outlet for 58 days* (cont.).

No of Days 49 50 51 52 53 54 55 56 57 58
9600T1013 177.09 166.85 173.42 173.37 175.81 176.07 176.27 175.34 179.08 177.49
9600T1014 177.94 168.14 173.85 173.65 176.27 176.73 176.75 175.88 179.79 178.03
9600TI1015 178.51 168.53 174.68 174.27 177.34 177.93 177.32 176.52 180.66 178.74
960071016 177.98 167.98 174.21 173.89 176.75 177.29 176.88 176.15 179.98 178.11
960071017 178.42 168.30 174.62 174.27 177.12 177.69 177.33 176.60 180.41 178.59
960071018 179.07 168.75 175.53 175.12 177.88 178.56 178.02 177.37 180.91 179.17
9600P1058 33.31 33.40 33.08 33.17 33.09 33.09 33.33 33.35 33.28 33.35
Hz 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH,4 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
C2Hs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CsHs 0.21 0.06 0.44 0.51 0.20 0.35 0.31 0.31 0.19 0.29
C4Hao (iso0) 0.24 0.43 0.36 0.39 0.33 0.41 0.38 0.38 0.21 0.40
C4H1o 1.07 1.02 0.79 0.97 1.42 1.15 1.06 1.06 1.15 1.54
CsHa2 (iso) 4.37 4.71 3.42 3.70 3.39 3.54 4.43 4.43 4.64 4.38
CsHi2 4.03 2.96 3.00 3.24 3.07 3.24 3.86 3.86 414 3.93
CsHio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CsHua4 (is0) 0.54 2.47 0.36 0.45 0.42 0.48 0.52 0.52 0.42 0.40
CsHua4 (is0) 1.91 2.29 1.44 1.55 1.45 1.54 1.77 1.77 1.70 1.60
CsHaa4 (is0) 6.46 7.02 4.97 5.28 4.96 5.19 6.09 6.09 5.72 5.44
CsHua4 (is0) 4.09 4.38 3.18 3.35 3.17 3.29 3.93 3.93 3.72 3.54
CsHaa4 (is0) 4.36 3.91 3.39 3.56 3.52 3.56 4.32 4.32 4.27 4.19
MCP 2.02 1.30 1.90 1.94 2.26 1.93 2.51 2.51 2.92 3.15
CeHs 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
CH 1.38 0.98 1.34 1.31 1.57 1.31 1.65 1.65 1.83 2.04
C7H1s6 1.29 0.68 1.61 1.20 0.84 0.69 1.08 1.08 1.05 1.18

*Because of the confidentiality agreement, real plant data are multiplied by a factor.



Table A.4.

Heat of formation, specific heat and physical properties data of components.

AHeorm | Cpn | Cpp Cpc Cpp i T, P, Ty MW

H, 0.00 | 27.14 | 9.27E-03 | -1.38E-05 | 7.65E-09 | -2.16E-01 | 33.20 13.00 -252.80 2.02
CHa -74.86 | 19.25 | 5.21E-02 | 1.20E-05 | -1.13E-08 | 1.10E-02 | 190.60 46.00 -161.50 16.04
C2He -84.74 | 541 | 1.78E-01 | -6.94E-05 | 8.71E-09 | 9.90E-02 | 305.40 48.80 -88.60 30.07
CsHs -103.92 | -4.22 | 3.06E-01 | -1.59E-04 | 3.21E-08 | 1.53E-01 | 369.80 42.50 -42.04 44.10
CaHio (is0) | -134.61 | -1.39 | 3.85E-01 | -1.85E-04 | 2.90E-08 | 1.83E-01 | 408.10 36.50 -11.72 58.12
CaHio -126.23 | 9.49 | 3.31E-01 | -1.11E-04 | -2.82E-09 | 1.99E-01 | 425.20 38.00 -0.50 58.12
CsHi2 (is0) | -160.33 | -13.06 | 5.31E-01 | -3.02E-04 | 6.68E-08 | 2.27E-01 | 460.40 32.90 27.84 72.15
CsHiz -146.54 | -3.63 | 4.87E-01 | -2.58E-04 | 5.30E-08 | 2.51E-01 | 469.60 33.70 36.07 72.15
CsHio -77.29 | -53.63 | 5.43E-01 | -3.03E-04 | 6.49E-08 | 1.96E-01 | 511.60 45.10 49.25 70.13
CeHia(is0) | -185.68 | -14.61 | 6.15E-01 | -3.38E-04 | 6.82E-08 | 2.32E-01 | 488.70 30.80 49.73 86.18
CoHia(is0) | -177.90 | -16.63 | 6.29E-01 | -3.48E-04 | 6.85E-08 | 2.47E-01 | 499.90 31.30 57.98 86.18
CeHia(is0) | -174.42 | -10.57 | 6.18E-01 | -357E-04 | -8.08E-08 | 2.78E-01 | 497.50 30.10 60.26 86.18
CoHia(iso) | -171.74 | -2.39 | 5.69E-01 | -2.87E-04 | 5.03E-08 | 2.70E-01 | 504.40 31.20 63.27 86.18
CoHia(is0) | -167.30 | -4.41 | 5.82E-01 | -3.12E-04 | 6.49E-08 | 2.99E-01 | 507.40 29.70 68.73 86.18
MCP -105.93 | -50.11 | 6.38E-01 | -3.64E-04 | 8.01E-08 | 2.31E-01 | 532.70 37.90 71.81 84.16
CeHe 82.98 | -33.92 | 4.74E-01 | -3.02E-04 | 7.13E-08 | 2.10E-01 | 562.10 48.90 80.09 78.11
CH -123.22 | -5454 | 6.11E-01 | -2.52E-04 | 1.32E-08 | 2.10E-01 | 553.40 40.70 80.72 84.16
C7His -187.90 | -5.15 | 6.76E-01 | -3.65E-04 | 7.66E-08 | 3.49E-01 | 540.20 27.40 98.43 100.20




Table A.5. Reaction coefficients for 48 reactions.
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Table A.5. Reaction coefficients for 48 reactions (cont.).
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Table A.6. Estimated reaction parameters for isomerization reactions.

Inko [-] Ea [kj/kmol] Inko [-] | Ea [Kj/kmol]
Rxn 1 16.1496 81.0060 Rxn 25 25.1465 154.4652
Rxn 2 20.5494 67.6533 Rxn 26 29.0069 166.3054
Rxn 3 16.2507 83.5263 Rxn 27 16.0208 105.3756
Rxn 4 15.8793 82.0896 Rxn 28 19.4194 117.7717
Rxn 5 13.7411 78.4040 Rxn 29 19.5169 129.5021
Rxn 6 13.5646 76.7062 Rxn 30 21.1701 120.2515
Rxn 7 13.0195 77.5134 Rxn 31 21.0437 104.4294
Rxn 8 15.8885 71.4880 Rxn 32 16.8383 107.9669
Rxn 9 20.2066 73.2745 Rxn 33 14.3147 115.7203
Rxn 10 19.4558 77.0709 Rxn 34 17.6441 117.0292
Rxn 11 15.3641 72.9108 Rxn 35 19.2751 97.4337
Rxn 12 15.3751 72.4638 Rxn 36 16.1180 99.3300
Rxn 13 18.1251 64.8896 Rxn 37 15.3872 118.4098
Rxn 14 14.5013 97.8393 Rxn 38 11.8855 126.9409
Rxn 15 21.1923 62.3139 Rxn 39 16.6469 100.3874
Rxn 16 14.2308 76.4486 Rxn 40 17.9202 116.0310
Rxn 17 28.2231 144.3900 Rxn 41 13.0442 97.0347
Rxn 18 30.8761 182.4449 Rxn 42 31.7578 146.4064
Rxn 19 8.1096 87.1553 Rxn 43 25.5510 95.3259
Rxn 20 9.5353 87.3016 Rxn 44 24.5316 130.1248
Rxn 21 6.9296 89.1670 Rxn 45 23.4518 126.8108
Rxn 22 24.8342 172.7512 Rxn 46 21.6394 74.6141
Rxn 23 15.1282 132.5029 Rxn 47 14.9016 72.8719
Rxn 24 22.7139 191.4423 Rxn 48 14.4014 74.6444




Table A.7. Initial and final reaction parameter values.
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No of Rxn Ln Ko (init) Ea (init) Ln Ko Ea
1 25.366 83.693 16.150 81.006
2 25.366 83.693 20.549 67.653
3 25.356 83.655 16.251 83.526
4 25.356 83.662 15.879 82.090
5 23.221 75.312 13.741 78.404
6 23.221 75.320 13.565 76.706
7 23.221 75.312 13.020 77.513
8 23.221 75.312 15.888 71.488
9 28.984 75.315 20.207 73.275
10 28.984 75.312 19.456 77.071
11 23.794 75.312 15.364 72.911
12 23.794 75.320 15.375 72.464
13 26.121 75.295 18.125 64.890
14 26.121 75.312 14.501 97.839
15 27.220 75.310 21.192 62.314
16 27.220 75.312 14.231 76.449
17 37.082 146.434 28.223 144.390
18 37.082 146.430 30.876 182.445
19 17.585 83.693 8.110 87.155
20 17.585 83.693 9.535 87.302
21 17.585 83.693 6.930 89.167
22 33.227 167.386 24.834 172.751
23 26.130 104.345 15.128 132.503
24 33.227 167.386 22.714 191.442




Table A.7. Initial and final reaction parameter values (cont.).
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25 33.227 167.386 25.147 154.465
26 33.227 167.386 29.007 166.305
27 26.130 104.345 16.021 105.376
28 26.130 104.345 19.419 117.772
29 26.130 104.345 19.517 129.502
30 27.853 104.599 21.170 120.252
31 27.853 104.599 21.044 104.429
32 27.853 104.599 16.838 107.967
33 27.853 104.599 14.315 115.720
34 27.853 104.599 17.644 117.029
35 27.853 104.599 19.275 97.434
36 27.853 104.599 16.118 99.330
37 27.853 104.599 15.387 118.410
38 27.853 104.599 11.885 126.941
39 27.853 104.599 16.647 100.387
40 27.853 104.599 17.920 116.031
41 23.773 83.693 13.044 97.035
42 37.082 146.434 31.758 146.406
43 32.545 125.521 25.551 95.326
44 32.545 125.521 24.532 130.125
45 32.545 125.521 23.452 126.811
46 32.545 125.521 21.639 74.614
47 23.371 66.932 14.902 72.872
48 23.371 66.932 14.401 74.644
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Figure A.1. Reactor simulation temperature profile for 28. Day.
172
[ J [ J
4 °
[ )
168
164
® Plant Data Model Data
160
0 1 2 3 4 5 6 7 8 9

Reactor Length [m]

Figure A.2. Reactor simulation temperature profile for 35. Day.
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Figure A.3. Reactor simulation temperature profile for 36. Day.

e J—‘
[ ]
[ ]
@® Plant Data Model Data
0 1 2 3 4 5 6 7 8 9

Reactor Length [m]

Figure A.4. Reactor simulation temperature profile for 40. Day.
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APPENDIX B. DETAILED MODEL FLOW CHARTS
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PLANT DATA INPUT DATA
THERMOCHEMICAL COEFFICIENT
DATA MODELM DATA
1 2
PARAMETER
ESTIMATION SIMULATION
PARAMETERS SIMULATION
RESULTS
Figure B.1. Flow chart of main file.
(PLANT_MODEL.M)
OUTPUT
(MODEL.M)
INLET DATA REACTION PARAMETERS
PLANT DATA
SIMULATION.M
TEMPERATURE PROFILE

CONCENTRATION PROFILE

Figure B.2. Flow chart of simulation file.
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Figure B.3. Flow chart of plant model file.
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Figure B.4. Flow chart of SRK EOS calculation file.
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PHASE SPLIT

Figure B.5. Flow chart of flash calculation file.
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Figure B.6. Flow chart of reactor model file.
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Figure B.7. Flow chart of reaction rates calculation file.
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Figure B.8. Flow chart of heat of reaction calculation file.
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(MODEL.M)
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NEW REACTION
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Figure B.9. Flow chart of parameter estimation file.
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Figure B.10. Flow chart of objective function calculation file.
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Figure B.11. Whole code flow chart .
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